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ABSTRACT
Membrane processes are continuously gaining importance owing to several
advantages including eco-friendliness, modularity, low chemical intervention, low
maintenance and uni-phase operation. One step pressure driven membrane processes such
as reverse osmosis, nano-filtration and ultra-filtration are the work horses in the water
treatment industry today meeting the objective of providing purified water but they do not
lead to absolute separation. They have still some environmental challenges to overcome
with regard to the disposal reject streams. In this context, it is felt appropriate to use
hybrid membrane processes which combine two membrane processes with same or
different characteristics operating in tandem. Accordingly it was decided to take up the
study of hybrid membrane separations in detail which forms the subject matter of the
doctoral work. The various studies and developments were presented in four chapters.
The introductory chapter describes various membrane based separation processes
with emphasis on pressure driven processes. The different mechanisms of the processes
proposed for the pressure driven processes such as sieve mechanism, wetted surface
mechanism, solution-diffusion mechanism and preferential sorption capillary flow
mechanism are reviewed in detail. The various mathematical models which describe the
transport of solute through the membranes were then presented. The concept of
irreversible thermodynamics model has been analysed in detail particularly based on
Kedem-Katchalsky and Spiegler-Kedem approaches. Even though the whole range of
pore-sizes are covered from molecular size in RO to about a few microns in MF, absolute
separation is hardly possible particularly from homogeneous systems. Highlighting the
necessity to look for a combination of processes to achieve near absolute separations, two
challenging

industrial problems particularly relevant to nuclear industry namely

‘Removal or separation of trace contaminant from effluent stream’ and ‘Recovery of
water from near saturated sparingly soluble effluent stream for reuse’ have been
chosen as the subject matter of the thesis with specific objectives on experimental studies
to generate separation characteristics and thereafter modeling and simulation of the same
based on the membrane characteristics, solute characteristics and hydrodynamics.
The second chapter describes the work carried out with respect to the ‘Removal or
separation of trace contaminant from effluent stream’. Starting from the literature model
based on irreversible thermodynamic approach, the modifications carried out step by step
are described. The base model treats membrane as a black box and describes the water
flux and solute flux through two coefficients ớ (reflection coefficient), ώ (solute
permeability) respectively. The experimental studies were carried out using
complexation-ultrafiltration. The complexation-ultrafiltration operates on the principle of
increasing the size of the species to be removed followed by ultrafiltration. In the studies
the separation of copper was investigated with polyethyleneimine (PEI) as a complexing
ligand, using UF with different MWCO (6,20 and 100KD). The detailed studies indicated
that the separation depends on pore size distribution of the membranes, molecular weight
distribution of complexing ligand and stability constant of Cu-PEI complex (Kd) of the
metal ligand complex. The model was developed incorporating the discretised pore size
distribution of the membrane and molecular weight distribution of ligand and stability
constant into the basic Kedem Katchalsky model and validated based on the experimental
studies with copper. The model equations were applied to predict the removal of cobalt
and iron as single contaminants and later fractionation of cobalt-iron mixed solute. The
combination two UF membranes with different MWCOs were optimized to provide
higher separation of Co and iron. The experimental results were found to be in good
agreement with the model predictions.

The third chapter deals with the experimental studies on the use of hybrid
membrane system to recover water and value from mining effluent circumventing the
scaling of CaSO4 and the development of a simulation model. Application of NF prior to
RO is a critical step in which most bivalent load was eliminated by high flux NF keeping
RO at minimum scale threat. Experimental studies were conducted to locate the critical
point of flux decline owing to calcium sulphate scale formation in NF. Further it was
established that the critical point was only dependent on feed concentration and recovery
and is independent of flow rates. From the experimental data, empirical correlation of
resistance as a function of feed flow, product flow, operating pressure and reject
concentration were developed using least square regression method. Based on the
correlation and experimental observations, a simulation model was developed to optimise
the operating parameters namely the feed flow rate and operating pressure for a given
feed composition. A mathematical model of reverse osmosis for optimizing, the operating
pressure, required product quality and quantity have been incorporated. Studies pertaining
to optimising the hydrodynamic parameters by thermodynamic exergy calculation and
reject management were also carried out. Reject management studies with reference to
NF concentrates using lime column has been carried out to demonstrate the approach to
zero liquid discharge.
The last chapter provides the summary and conclusions indicating that it was
possible to remove trace contaminants particularly heavy metals by complexation UF.
With judicial combination of two UF systems it was demonstrated that the mixed systems
also can be fractionated. The model developed incorporating the pore-size distribution of
the membrane and molecular weight distribution of the complexing ligand along with the
stability constant of the metal – ligand complex could reasonably predict the behaviour

not only for single component but also for mixed solute systems. In the case of saturated
calcium sulphate effluent stream it was indicated that a NF-RO system combined with
lime column could lead to near zero liquid discharge.
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SYNOPSIS
Membrane processes introduce a new era in the world of separation and are continuously
gaining importance owing to several advantages including eco-friendliness, modularity, low
chemical intervention, low maintenance and uni-phase operation. A variety of membranes are
available with different physical characteristics such as pore size distribution, membrane
material, morphology, physico-chemical characteristics (such as surface charge, and solutemembrane interaction etc.) enabling a variety of separations in process industries. Depending
on the driving force, the membrane processes can be classified into different subgroups. In
each subgroup, membranes of different inherent characteristics can be tailor made by varying
their starting raw material, preparation conditions or by incorporating some specific
functional groups. Among them, the pressure driven membrane processes have been well
established. These pressure driven membrane processes inherently cannot lead to absolute
separations because of the pore-size distribution of the membrane and process limitation of
osmotic pressure. The concept of hybrid membrane process i.e. judicial selection and use of
membrane processes of same or different characteristics in tandem has been conceived to
approach towards absolute separation in low energy intensive and highly selective way. The
present thesis entitled ‘Development of Mathematical Model and Simulation of Hybrid
Membrane System’ aims at development of validated mathematical model for the removal of
trace contaminants using different molecular weight cutoff UltraFiltration (UF) membranes
and removal of bulk contaminants using hybrid Nano Filtration-Reverse Osmosis (NF-RO)
systems.
The thesis is divided into four chapters for the convenience of presentation. Chapter 1
contains introduction to the present work leading to the objectives. Chapter 2 is devoted to
the studies pertaining to ‘Development and validation of mathematical model for the removal
v

of trace contamination and fractionation of mixed solute systems’ while Chapter 3 is devoted
to ‘development of simulation model of hybrid membrane system using RO-NF for water
recovery and demonstration of approach to zero liquid discharge’. Both the chapters (Chapter
2 and Chapter 3) contain the theoretical basis for the model development along with the
experimental results leading to the validation. Chapter 4 gives conclusions followed by
suggestions & recommendation for future work.
Chapter I : Introduction
This chapter provides a general introduction to different membrane based separation
processes and their characteristics. The advantages of membrane separation processes over
other separation processes are briefly described. Following a brief description of the
characteristics of different membrane processes, an in-depth analysis of the pressure driven
membrane processes is presented. The hybrid membrane processes are further discussed
highlighting the advantages, with examples from industries. The different mechanisms of salt
rejection are described in detail. Sieve mechanism, wetted surface mechanism, solutiondiffusion mechanism and preferential sorption of capillary flow mechanisms are described.
The descriptions of mathematical models which are used to describe the transport
phenomenon of solute through the membrane are elaborated. The concept of irreversible
thermodynamics model has been described particularly based on Kedem Katchalsky and
Spiegler Kedem approaches as the present work uses this as base model for incorporating the
new concepts envisaged in the present thesis.
The family of pressure driven membrane system comprises of microfiltration (MF),
ultrafiltration (UF), nanofiltration (NF) and hyperfiltration i.e. reverse osmosis (RO).
Depending on separation mechanism the pressure driven membranes are again subdivided
into two groups-size exclusion based membranes (MF, UF) and size exclusion as well as
vi

electrostatic interaction based membranes (NF,RO). Membrane processes cannot give
absolute separation for contaminants owing to its pore size distribution. Decreasing trend for
mean pore sizes has been observed from MF to RO. RO is the finest barrier which can
remove monovalent to the tune of above 95%. Removal of trace contaminants or radioactive
contaminants from effluent stream demands almost absolute separation of contaminants as
the environmental safe limits of these contaminants are low and stringent. This chapter
highlights the necessity to look for some other means such as chemical addition or
combination of two or more processes- hybrid membrane processes (can be different
membrane processes or membrane and conventional processes) to achieve the objectives.
With this background the specific objectives of the present study has been derived.
The present work has picked up two challenging industrial problems, particularly relevant to
nuclear industry, for which mathematical model has been developed for predicting the
membrane performance viz. ‘Removal or separation of trace contaminant from effluent
stream’ and ‘Recovery of water from near saturated sparingly soluble effluent stream
for reuse’.
Chapter-2 Development and validation of mathematical model for the removal of trace
contamination and fractionation of mixed solute systems:
This chapter describes the work carried out with respect to the ‘Removal or separation of
trace contaminant from effluent stream’. Starting from the literature model based on
irreversible thermodynamic approach, the modifications carried out step by step are
described. The base model treats membrane as a black box and describes the water flux and
solute flux through two coefficients ớ (reflection coefficient), ώ (solute permeability)
respectively. The present work attempts to modify these coefficients by incorporating the
membrane properties and polymer-ligand characteristics. The improvements in each step are
vii

indicated in comparison to the experimental results ultimately leading to validation of the
model.
The specific challenge is the recovery of trace metals from simulated solution by
complexation ultrafiltration process. The pressure driven membranes which operate in size
exclusion based separation mechanism are basically low energy intensive process. In
industrial effluents valuable metals like copper, cobalt, lead which are present in trace
amount are discharged as a waste. For recovering these trace metal from industrial waste in
low energy intensive manner, the size of trace metal has been enhanced by complexing it
with ligand of higher molecular weight. The macromolecular metal-ligand complex can be
easily removed by UF in low energy intensive way. In the present work, complexation
ultrafiltration process has been selected for recovery of trace metal. The advantages of
complexation ultrafiltration over reverse osmosis for removal of trace contaminant,
possibility of recovery of complexing agent are discussed elaborately. RO, the work horse of
desalination industry is capable of giving high separation of solutes in the process of
producing potable water. However, when the same process is applied to removal of trace
contaminants (even though most of the trace contaminants are multivalent species), it is
difficult to obtain desirable results as the membrane would operate under ‘solution
controlled’ regime. In addition to being energy intensive, the recovery is limited by the
osmotic pressure of the concentrate and operating pressure. On the contrary, if the size of the
contaminant species is increased by complexation, then it is possible to obtain high recovery
and high removal rates at much less energy. The removal efficiency of UF is not solely
dependent on UF pore size distribution. It is a function of metal ligand complex equilibrium
and molecular weight distribution of ligand. There is a possibility to pass small molecular
weight metal-ligand complex through the smallest pore size of membrane provided size of
metal-ligand complex is smaller than smallest pore of membrane. In literature, the most of
viii

the mathematical models developed for complexation ultrafiltration are validated using test
cell experimental data [1, 2]. All the studies have assumed 100% rejection for complexed
species and 0% rejection for free metal with reference to average molecular weight cut off
(MWCO) of the membrane. Consequently the models do not consider transport of complexed
species which are dependent on the actual characteristics of the membrane and polymeric
ligand besides the equilibrium that exist between the free metal ions and the polymeric
ligand. This chapter highlights the present work which involves extensive modification of the
irreversible thermodynamic transport model [3] by incorporating the discretised pore size
distribution of the membrane and molecular weight distribution of ligand for validation of
model in practical system where the recovery is high. For development of model, by virtue of
collecting experimental input; Copper –polyethyleneimine (PEI) complex system has been
selected owing to its high stability constant and three UF membranes (6KD, 20 KD and 100
KD) of different molecular weight cutoff has been selected . In the experimental set up, the
simulated solution of different concentration of metal with constant concentration of ligand
has been prepared and it is sent to UF system at 2.5 bar pressure. Both the reject stream and
product stream are recycled back to actual feed tank to keep the concentration of feed tank
constant. Guided by the experimental observations with respect to solute rejection of Cu-PEI
system under different operating conditions with different UF membranes, the base
mathematical model proposed by Javier Llanos et.al[1]is initially modified by incorporating
mean pore sizes of three membranes. It is further modified by incorporating discretised pore
size distribution of membrane and molecular weight distribution of ligand in irreversible
thermodynamic model. The modification has been done step by step to reduce the error
between the model prediction and actual results. Each discerning trend is analysed
conceptually and mathematically corrected in the model. Further the model takes into account
the equilibrium conditions and the possibility wherein the number of complexing sites of the
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ligand are saturated when excess metal ions are present. After developing mathematical
model for single component-single membrane system, mathematical model has been
developed for cobalt-PEI and iron-PEI system and they are validated experimentally. By
applying different molecular weight cut off (MWCO) ultrafiltration membrane in tandem
(intra membrane hybrid system) the possibility of fractionation of multiple solute mixtures
has also been envisaged through 6 KD and 100 KD membrane systems.
Chapter-3 Development of simulation model of hybrid membrane system using RO-NF for
water recovery and demonstration of approach to zero liquid discharge
This chapter deals with the study pertaining to recovery of water from nearly saturated
sparingly soluble salt solution by inter hybrid membrane process (i.e. nanofiltration followed
by reverse osmosis). Recovery of water from near saturated sparingly salt solution by
membrane process is a great challenge owing to scale threat on the surface of membrane. In
literature, there are instances where addition of antiscalant for sparingly soluble salt
separation is suggested [4]. In the present work, addition of antiscalant is not considered as it
complicates the reject management. The application of reverse osmosis is constrained by the
increasing osmotic pressure in achieving decent recovery. It may be difficult to use UF for
separation as complexing would involve large quantities of dosage chemicals. Under these
conditions, use of hybrid membrane systems such as NF -RO in combination with the physics
of scaling process would help in achieving the desired separation. However, the application
of NF followed by RO is considered as the NF has very low solute rejection for monovalents,
less tendency for scaling due to surface charge and provides an opportunity to recover water
for reuse and approach to zero liquid discharge. Accordingly, studies were carried out with
uranium mining effluents which have calcium sulphate near saturation levels besides sodium
chloride. Nanofiltration membrane with surface negative charge has been chosen to reduce
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the surface attraction of sulphate species which in turn minimizes scale formation. Calcium
sulphate precipitation demands significant induction time depending on degree of
supersaturation. This chapter comprises of experimental studies pertaining to locating the
critical point of flux decline owing to scale formation of calcium sulphate in nanofiltration.
By incorporating this experimental input, mathematical model for nanofiltration membrane
has been developed to evaluate the operating flow and operating pressure at optimized scale
safe recovery. Evaluation of resistances to product flow (intrinsic membrane resistance,
osmotic and scale resistance) by experimental flux decline data and developed an empirical
correlation of resistance as a function of feed flow, product flow, operating pressure and
reject concentration by least square regression method has been carried out. The innovation
of present work is development of mathematical model to optimize the super-saturation in
tune with the induction time required for precipitation. In practical terms, the hydrodynamics
in terms of feed velocity and operating pressure requires to be controlled in addition to the
length of the membrane through which the feed has to traverse. One metre length module
(commercially available NF90-4040 module) has been used with batch mode of operation
involving recirculation of the reject stream. The product stream from nanofiltration
membrane has been sent to reverse osmosis module for further refinement of product quality.
For achieving zero liquid discharge, reject stream from reverse osmosis module which is less
concentrated compared to actual feed is recycled back to nanofiltration feed tank.
Mathematical model predicts the product flow and product quality at scale safe recovery for
nanofiltration membrane. This model has been validated before and after incorporation of
resistance term by experimental flux decline data of nanofiltration. This chapter also presents
the optimization study of operating flow and operating pressure of nanofiltration by exergy
analysis. Reject management study of nanofiltration by lime column has been also discussed.
By this reject management, the sparingly soluble salt can be converted into solid sludge in
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lime column and the effluent of lime column can be recycled back to NF feed tank. By this
reject management, the potentiality of zero liquid discharge has been envisaged.
Development of mathematical model for reverse osmosis for optimizing the operating
pressure for obtaining required product quality and quantity has also been discussed.
Chapter-4 Summary and Conclusion:
The present thesis deals with development and simulation of mathematical model for hybrid
membrane system. Mathematical model developed for complexation ultrafiltration in order to
remove trace contaminants from industrial waste is made more realistic by predicting the
rejection of macromolecular complex through irreversible thermodynamic transport model.
Mathematical models reported in literature are valid for test cell data under zero recovery
condition. For predicting the rejection performance of ultrafiltration in real industrial
scenario, i.e. at moderate recovery condition; parameters of transport model i.e. solute
permeability (  ) and reflection coefficient (  ) are expressed in terms of discretised pore
size distribution of membranes and molecular weight distribution of ligand. The
mathematical model developed in this present thesis can predict the experimental rejection
value of different trace metals (copper, cobalt and iron) complexed with polyethyleneimine
within 3% error range. This model can also predict the fractionation potential of intra
membrane hybrid membrane system by predicting the rejection behavior of multicomponent
solute mixture through different molecular weight cut-off membranes. Mathematical model
developed for water recovery and reuse from near saturated sparingly soluble mine effluents
by hybrid NF-RO system is unique for its novel attempt to demonstrate the potential of
membrane for sparingly soluble salt removal by optimizing the hydrodynamics, without
addition of antiscalant. Application of NF prior to RO is critical step in which most bivalent
load can be eliminated by high flux NF keeping RO at minimum scale threat. Incorporation
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of resistance terms for evaluation of flux decline in NF improves the model predictability.
Studies pertaining to optimising the hydrodynamic parameters by thermodynamic exergy
calculation and reject management have also been carried out.
It is concluded that complexation ultrafiltration can be used for the removal of trace
contaminants even in highly complex solutions such as seawater. Detailed studies can be
undertaken in this regard. Similarly, hybrid systems can be used for fractionation of industrial
effluents by judicious selection of membrane processes to recover value.
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CHAPTER -1

INTRODUCTION
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Membrane based separations are gaining importance in the chemical process industries in
view of their potential to provide cost effective eco-friendly solutions, following their
significant successes in the field of desalination [1] and effluent water treatment [2]. A
variety of membranes and membrane processes are being investigated for carrying out
challenging separations. The important application areas include provision of purified
drinking water from contaminated streams [3] such as micro-organisms, iron, fluoride,
arsenic, uranium [4] etc., decontamination of aqueous radioactive effluents [5-6], energy
conversion devices like fuel cells [7], concentration of fruit juices in food &beverage
industries [8] and environmental management through bipolar electrolysis [9]. and
decontamination of aqueous radioactive effluents [4-6]. Innovations in membranes involving
polymer blends, nano-materials etc. [10] and membrane processes such as seeded UF,
complexation UF etc. have a potential to open up wide range of applications focussing
towards recovery of valuable and reuse of spent streams after treatment.
1.1.

Separation Processes

The separation processes, in general, involve, either separation of solutes from the solvent as
in desalination or separation of a mixture of solutes as done in the petrochemical industries. A
separation process [11] is basically a mass transfer operation leading to preferential
separation of one or more components from other constituents, which may or may not result
in absolute separation. However, at least one component would be enriched in a particular
phase. The separation processes can be broadly divided into two categories; equilibrium
governed and rate governed. In equilibrium governed processes, the product phase is in
equilibrium with the feed (inlet) phases, as in distillation, adsorption, solvent extraction etc.
On the other hand, the rate of physical transport of species, governs the separation in the rate
governed processes such as reverse osmosis. Generally, the separation is brought out by the
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addition of the external component either in the form of energy or matter. In distillation,
energy is added to separate one component from the rest while the addition of coagulant aid
to a colloidal solution results in the separation of colloids. Adsorption, coagulation, filtration,
ion exchange, osmosis etc. are some of the processes where separation is brought about by
the addition of external agent, while distillation, crystallisation, drying etc. require energy for
effecting the separation. Most of the membrane processes such as reverse osmosis, electrodialysis, pervaporation etc. require both energy and an external agent.
1.2.

Membrane Separations

Membrane is a semipermeable barrier which allows preferentially one of the components to
permeate through the membrane. In general to achieve a separation, a membrane with an
appropriate driving force is required as shown in Fig.1.1.[12]
1.2.1. Membranes
Membrane is the heart of membrane processes. The membranes are classified in different
ways. The first natural classification can be as ‘biological’ or ‘synthetic’. The development of
synthetic polymeric membranes such as polyamides and cellulose derivatives has seen an
unparalleled growth making the membrane desalination process as an attractive option.
Recent research indicates [13] that biomimetic membrane prepared by vesicle fusion on a
dense water-permeable support, such as a nanofiltration (NF) membrane can lead to water
desalination at less energy intensive manner compared to conventional nano-filtration and
reverse osmosis. Of course, issues related to life & stability of the membranes requires to be
addressed.
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Fig.1.1. Principle of Membrane Based Separations

The synthetic membranes can be classified based on their porosity or the other physical
characteristics. The material can be inorganic or organic. Inorganic membranes [14] can be of
metals such as palladium, silver, metal-alloys or materials such as zeolite, silica, ceramic,
carbon, oxides of alumina, titania, zirconia etc. Inorganic membranes have longer life, easy
cleanabilty and withstand high temperatures & harsh environment. However, they are brittle,
capital intensive, less compact and exhibit less selectivity.
The synthetic organic membranes [15] are made of either natural polymers, such as cellulose
acetates (CTA/CA), nitrates etc. or synthetic polymers such as polyamides (PA),
polysulphones (PS/PES), polytetraflouorethylene (PTFE) etc. The membranes can be neutral
or charged.Table.1.1 indicates the chemical structure of the repeating monomer of the widely
used polymeric membranes. The membranes can have a dense or porous structure with pores
ranging from a few tenths of nano-meters to about a micron. The membranes can be prepared
by solution or melt casting method [16]. A number of parameters such as casting solution
composition, casting temperature, evaporation period, gelation bath and its temperature,
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annealing temperature and post treatment, influence the characteristics of the membranes.
Dense membrane dope does not contain any pore forming species. In the case of porous
membranes, the pores are incorporated in the membrane matrix by the leaching of the pore
forming agent. This being a natural process, there will be a pore-size distribution in the
matrix. As only the membrane surface is responsible for the selective permeation and the
membrane thickness contributes to the total resistance for flow, thin film composite
membranes are made where a porous substrate supports a very thin (about a few hundred
nanometers) active polymer membrane. As solution casting [17] is not amenable to formation
of such thin films, in-situ polymerisation technique is adopted. In fact, all the commercial
membranes used for desalination are prepared based on this technique. Track etched
membranes have uniform pores as the pores are formed on thin homogeneous polymer film
by the impingement of accelerated nuclear particles such Cu-64 [18].
Based on the structure as shown in Fig.1.2, the membranes are called symmetric (isotropic)
or asymmetric (anisotropic) membranes [19].Isotropic membranes (symmetric membranes)
exhibit the same composition as well as structure throughout. They can be dense or porous.
Dense membranes also known as homogenous membranes have a dense film through which
the species are transported by diffusion under the imposed driving force (electrical potential,
pressure, temperature or concentration). The separation is controlled by relative solubility and
diffusion rates of the different species present in the mixture. These membranes are suited for
separation of species having comparable sizes. Porous membranes can have pore-sizes
ranging from about few tenths of nano-meters to about a few microns. Depending on the
pore-size, the mechanism of separation can be either only physical (size based) or in
combination with physico-chemical interactions. The total membrane thickness determines
the resistance to mass transfer. Electrically charged membranes, known as ion-exchange
membranes are also dense membranes with fixed positively or negatively charged ions.
5

Table.1.1 Chemical structure of repeat units of polymeric membrane used in Membrane
processes

S.No.

Chemical Name

1.

Polyamide

2.

Cellulose acetate

3.

Polysulphone

4.

Polycarbonate

5.

Polytetrafluro ethylene

6.

Nafion membrane

Structure

6

Anisotropic (asymmetric) membranes consist of a number of layers each with different
structure and permeability characteristics. A typical anisotropic membrane has a relatively
dense, extremely thin surface layer (i.e. the "skin", also called the permselective layer)
supported on an open, much thicker porous substructure. The separation properties and
permeation rates are determined exclusively by the surface layer and the substructure
functions as mechanical support with virtually no separating function. The resistance to mass
transfer is determined largely or completely by the thin surface layer. These membranes can
be made thick enough to withstand the compressive forces used in separation. The thin film is
always in contact with the high-pressure feed. Integrally skinned membranes similar to the
membranes prepared by Loeb-Sourirajan [20], consist of a single membrane material, but the
porosity and pore size change in different layers of the membrane. Anisotropic membranes
made by other techniques and used on a large scale often consist of layers of different
materials which serve different functions. Interfacial (thin-film) composite membrane which
is also anisotropic consists of a thin dense film of highly cross-linked polymer formed on the
surface of a thicker microporous support. The dense polymer layer is extremely thin; about a
few tens of nanometers. Consequently, the membrane permeability is high and high crosslinking provides better selectivity.
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a)

b)

c)
Fig-1.2 a) Isotropic membrane ; b) Anisotropic membrane; c) Thin film composite
membrane

Membrane Configuration
For using the membranes for separation they have to be packed into elements or modules,
which are the building blocks of the overall configuration. Normally membranes are
manufactured as sheets or in cylindrical capillaries / tubes. Module or element is the unit into
which the membrane is packed. The selection of the type of module depends on the
application, quality of feed and the available foot print area.
Commercially four different membrane element configurations exist i.e. tubular, plate &
frame, spiral and hollow fibre as shown in Fig.1.3. [21].Hollow fibre configuration has no
support for the membrane, while all the other configurations require support for the
membrane. The relative characteristics are shown in Table 1.2. Due to practical difficulties
such as scaling, hollow fibre elements are not popular for NF & RO applications. Spiral
8

configuration for RO / NF and hollow fibre/capillary configuration for UF are the workhorses
in the water treatment industry
Different membrane module and their characteristics:
Plate and frame modules are easy to clean and replace membranes but less compact having
moderate membrane area per volume (100-400 m2/m3). Plate and frame modules are used in
electrodialysis, membrane distillation and mobile units of seawater reverse osmosis.
Tubular modules are used while dealing with liquids with high suspended loads as
encountered in food industries. The modules are less prone to fouling, and easy to clean but
least compact of all the commercial configurations. The tubular configurations are used
mainly in ultrafiltration for applications in food industry such as concentration of fruit juices
etc.
Spiral wound modules are having high packing density (300-1000 m2/m3). Maintaining
hydrodynamics on top surface of the membrane is easier in this type of module configuration.
The spiral wound modules are difficult to clean and sterilise. The pressure drop (100-150
kPa) across the module is on higher side.
Hollow fibre modules are having very high packing density (500-9000 m2/m3) but poor
resistance to fouling and are difficult to clean. Table1.2 gives a comparative characteristic
chart of different module configurations.
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Fig-1.3. Different membrane element/module configurations.[21]

Table-1.2 Relative characteristic of four module configurations

Plate and Frame

Spiral wound

Tubular

Hollow-fibre

Packing density

Moderate

High

Low

Very high

Fouling tendency

Low

High

Low

Very high

Ease of cleaning

High

Low

High

Very low

Pressure drop

High

High

Low

Low

Back washability

Low

Low

High

High

Replacement

Easy

Easy

Difficult

Difficult

1.2.2. Membrane Separation Processes
Membrane separation processes are those which bring about the separation of components
using a membrane under an appropriate driving force. A variety of membrane processes have
been in use as seen in Table 1.3. The membrane processes can be broadly categorised into
concentration driven, electrically driven, pressure driven and others.
Concentration driven membrane processes such as osmosis, haemo-dialysis, diffusion
dialysis, etc. are equilibrium controlled processes using either neutral membranes as in
osmosis and haemo-dialysis or charged membranes as in diffusion dialysis. Haemo-dialysis
uses porous neutral membranes and finds extensive use in medical applications. Osmosis
applications have large potential waiting for exploitation and are one of the hot topics of
research & development activity at present [22].
Electrically driven processes are based on the transport of charged species through ionic
membranes and include electrodialysis (ED), bipolar electrolysis (BPE), membrane
electrolysis, electrodeionisation (EDI), electro-electrodialysis (EED) etc [23]. All of them use
charged membranes (cationic / anionic). ED has been used for brackish water desalination
and clarification of fruit juices. EDI is useful for producing ultrapure water. BPE has
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potential in splitting salts present in effluent into their parent acid and base, demonstrated to
split salt into their parent acid and base, while EED is being investigated for the concentration
of HI in the I-S process for producing hydrogen.
Among the other membrane processes, the R&D studies in the field of membrane distillation
(MD) [24] and liquid membranes (LM) [25] are rigorously pursued. MD is thermally driven
and uses porous hydrophobic membranes for desalination using waste heat. Liquid
membranes (LM) are highly selective membrane process which combines both extraction &
stripping with the solvent trapped in pores of the membrane. It is academically well studied
but a few practical problems relating to stability of the membrane in the pores of the support
membrane and cost of the highly selective solvents need to be addressed.
Among the membrane processes, the pressure-driven membrane processes as seen in Fig.1.4
[26] are the commercially preferred technologies for desalination, water treatment and
effluent management. Operating on the applied pressure as the driving force, the membrane
preferentially allows certain species to permeate through and retains rest of the components
in the concentrate stream such as reverse osmosis, nanofiltration, ultrafiltration and
microfiltration. The operating pressure may vary from less than a bar to about 70-80 bars.
The mechanism of separation can be purely based on size exclusion as in the case of microfiltration (MF) & ultrafiltration (UF) or size exclusion cum physico-chemical interaction as
seen in the cases of nano-fltration (NF) & reverse osmosis (RO).
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Table-1.3 Membrane Processes and their characteristics

Separation
Process
Microfiltration

Ultrafiltration

Nanofiltration

Reverse Osmosis

Electrodialysis

Diffusion
Dialysis

Membrane Type
Used
Symmetric
porous
structure, pore
size 0.1 to 5µm
Asymmetric
porous
structure, pore
size 20 nm-0.1
µm
Asymmetric
porous
structure, pore
size around 1nm
Asymmetric
porous
structure, pore
size 0.1 -1nm
Symmetric ionexchange
membrane
Ion
exchange
membrane

Applied Driving
Force
Hydrostatic
pressure
0.1-3
bar

Mode
Separation
Filtration
exclusion)

of Application

Hydrostatic
pressure 2-10 bar

Filtration
exclusion)

Hydrostatic
pressure 5-30 bar

Size
exclusion, Water softening
electrostatic
repulsion

(size Water purification,
sterilisation

(size Removal
of
colloids/suspended
solids

Hydrostatic
Preferential
Sea and brackish
pressure 10-100 sorption capillary water desalination
bar
flow method
Electrical
Potential

Diffusion,Donanexclusion

Desalination

Concentration
gradient

Diffusion,Donan
exclusion

Purification/Recovery
of acid

Microfiltration (MF) MF membrane uses sieving mechanism with distinct pore sizes for
retaining larger size particles than the pore diameter, while the mechanism for conventional
depth filtration is mainly adsorption and entrapment. Natural or synthetic polymers, such as
cellulose nitrate or acetate, polyvinylidenedifluoride PVDF, polyamides, polysulfones,
polycarbonate, polypropylene, PTFE etc. are used for manufacturing MF membranes. Some
inorganic materials, such as metal oxides (alumina), glass, zirconia coated carbon etc. are
also used for manufacturing MF membranes. MF finds extensive applications in
pharmaceutical, food & beverage, chemical and microelectronic industries
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Fig.1.4. Characteristics of Pressure Driven Membrane Processes

Ultrafiltration (UF) is a process in which suspended solids and higher molecular weight
species are retained. The primary removal mechanism is size exclusion, although the
electrical charge and surface chemistry of the particles or membrane may affect the
purification efficiency. Ultrafiltration pore ratings ranges from approximately 20 nm-0.1µm .
UF membranes are made of both hydrophilic and hydrophobic polymers. Ultrafiltration finds
extensive applications in the field of biotechnology and food processing industries.
Nanofiltration (NF) membrane has pore sizes ranging from about 1nm to about 3 nm. The
mechanism of separation is essentially based on surface interactions of membrane top surface
with solutes coming as feed subject to size exclusion.NF membrane rejects high molecular
weight organic molecules and multivalent ions better than monovalents species. NF processes
finds applications in textile and dye industries and softening of hard water. The polymeric
material used for membrane for NF applications are similar to RO membrane such as
polyamides and cellulose acetates.
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Reverse Osmosis (RO) Reverse Osmosis is widely used membrane process particularly for
desalination and water treatment. The process uses membranes with very small pore-sizes
(i.e) of the order of a few tenths of a nanometer. The mechanism involves preferential flow of
water through the membrane and hence requires high operating pressures to counter the
solution osmotic pressure.
1.2.3. Relative Characteristics of Membrane Processes
Size exclusion is the primary mechanism through which all the pressure driven membrane
processes operate, when the feed stream contains components of distinctly different sizes.
This is the case for MF & UF where larger species are separated. Since the retained species
would block the pores on accumulation, periodic back wash is carried out to restore the
membrane performance. This is possible, as the membranes are largely isotropic and
backwash would not lead to any noticeable damage to the membranes. MF is used where the
solid phase is to be separated from a solution as in conventional filtration, while UF is useful
for separating macromolecules / colloids from solution. NF and RO membranes have
relatively smaller pore-size. As NF & RO use asymmetric membranes with top active layer
having minute pores, any backwash would lead to the damage of the active layer.
NF & RO membranes preferentially allow water to permeate through due to the surface
interactions. NF with relatively larger pore sizes allows monovalent species to pass through
in comparison to RO. The permeate fluxes are influenced by the osmotic pressure of the
solution. Hence it is difficult to achieve complete separation of water from the feed. Because
of the pore-size distribution, the quality of the permeate stream would also deteriorate with
increasing separation (recovery), meaning thereby the passage of more solutes along with
water.
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Even though UF / MF can be operated in dead end mode, they are more often operated in
cross-flow mode like NF / RO, excepting ‘high value - small volume’ operations. Membrane
processes when operating in cross flow mode splits the feed stream into two streams: one rich
in product i.e. water and the other concentrated stream containing the rejected species.
Nearly pure product is possible in UF & MF if the maximum pore-size is smaller than the
species to be rejected. In fact 30K Molecular Weight Cut Off (MWCO) UF can provide 5-6
log reduction of bacteria in biologically contaminated water streams. However in NF/RO
where membrane duty is to separate water from ionic species which are of comparable sizes,
high purity is not possible to obtain because of the existence of pore-size distribution.
1.2.4. Hybrid Membrane Systems
Hybrid membrane systems i.e. combination of different membrane processes can improve the
separation efficiency and recovery. A NF-RO combination for seawater desalination can
reduce specific energy consumption. Value addition is also possible as the concentrate
generated by RO process can be treated through NF to make it an efficient feed stock for
electrolysis of brine for producing caustic soda as the NF treated stream is devoid of most of
the multivalent species. In sea water desalination, conventional unit operations such as
clarification, sand filtration etc. are used as pretreatment for making the feed compatible with
the membrane. The adoption of UF has simplified the whole pre-treatment procedure, besides
giving better performance by RO membranes. Such instances where two or more membrane
processes can be used in tandem to improve the separation factor and efficiency can be
broadly called as ‘hybrid membrane systems’. Extension of this philosophy for the effluent
treatment would enable the application of eco-friendly operations as well as to meet the
stringent environmental regulations.
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Several possibilities exist for hybridising membrane systems, with a large number of
membranes in RO, NF and UF with different characteristics such as average pore size, poresize distribution and surface characteristics. There are number of examples of application of
hybrid membrane system in various industries. De Carvalho et.al [27] carried out studies on
retention behaviour of sugar (glucose, fructose and sucrose) in the process of clarification of
pineapple juice by UF-NF process in sugar industry. Puliot Y. et.al [28] reviewed the
application of pressure driven membrane processes in pre-concentration before cheese
manufacture and different steps of dairy industry. Wolters,R. et.al [29] carried out studies on
combined UF/NF treatment for metal recovery of acidic rinsing water in Steel Industry.
Govalvez et.al [30] carried out studies on the treatment of waste water from cotton thread
factory by UF-NF combined process in textile industry. Walha et.al [31] investigated
treatment of high salinity wash water from sea food conditioning Industry by hybrid pressure
driven membrane system. The capabilities of hybrid systems in nearly bringing out absolute
separations affording the opportunity of reusing the treated solution depends on the judicial
combination of membrane processes in tune with the separation objective.
1.2.5. System configuration
There are two main flow configurations of membrane processes: cross-flow and dead-end
mode [32]. In cross-flow mode, the feed flow is tangential to the surface of membrane and
the concentrate stream is removed from the downstream of the membrane. The product
permeating through the membrane is collected on the other side. In dead-end filtration the
direction of the fluid flow is normal to the membrane surface (shown in Fig 1.5) [32]. Both
flow geometries offer some advantages and limitations. The dead-end filtration process is
usually a batch-type process, where the filtering solution is loaded (or slowly fed) into
membrane device, which then allows passage of some species subject to the driving force.

17

The main disadvantage of a dead end filtration is the extensive membrane fouling and
concentration polarization. The fouling is usually induced faster at higher driving forces. The
cross flow/tangential flow devices are less susceptible to fouling due to the sweeping effects
and high shear rates of the passing flow.

Fig-1.5 Cross Flow filtration and Dead End filtration

1.3.

Mechanisms of Membrane Performance

A number of mechanisms are proposed for explaining the behaviour membranes in separating
the components in a solution. The primary mechanism is the size exclusion philosophy or
popularly known as sieve mechanism.
Sieve Mechanism
The simple concept of “sieve-mechanism" [33] is based on the difference between the
molecular sizes of solutes and solvent, with the pore size of the membrane in the intermediate
range between the two. Sieve filtration is the basic mechanism for the ultrafiltration process.
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When the concentration polarisation is significant, osmotic pressure of the boundary layer
reduces the permeation rate. In addition when the gel layer is formed, it offers additional
resistance for the flow
Wetted Surface Mechanism (Water Clustering) [33]
In this mechanism, it is recognized that the membrane material is quite wettable, so that the
solvent (water) tends to cling to it by means of hydrogen bonding as an absorbed film. This
film then obstructs the pores in the membrane and thereby prevents solute ions from entering.
The solvent progresses through the membrane by passing from one wetted site to another
within the membrane structure.
Solution-Diffusion Mechanism [34]
In "solution-diffusion" mechanism is based on the assumption that both solvent and solute
dissolve in the homogeneous nonporous surface layer of the membrane and transported by
diffusion in an uncoupled manner. Accordingly it is desirable to have membranes with a
completely nonporous surface layer (perfect membrane) which has high solubility and
diffusivity for the solvent as compared with those of the solute. In an attempt to improve the
"solution-diffusion" model, the “solution-diffusion-imperfection" model has been introduced
which accounts for some imperfections on the membrane surface and thus allows pore flow
of solute and solvent in an undiluted form; i.e., the pore size is large enough to allow bulk
flow. However, when the pore size is small, of the order of molecular size, this assumption is
no longer valid and the concentration gradient within the membrane must be taken into
account.
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Preferential Sorption-Capillary Flow Mechanism [34]
In contrast to the solution-diffusion mechanism, the "preferential sorption-capillary flow"
model, assumes that the surface layer of the membrane is microporous and heterogeneous at
all levels of solute separation. The mechanism of separation is partly governed by surface
phenomena and partly by fluid transport under pressure through capillary pores. Thus the size
and number of pores and the chemical nature of the layer constitute the separation
mechanism. If the chemical nature of the skin layer in contact with the solution is such that it
has a preferential sorption or preferential repulsion for one of the constituents of the mixture,
then a steep concentration gradient and hence a preferentially sorbed fluid layer exists at the
interface which is enriched by one of the constituents of the bulk solution. Polymeric
membranes with low dielectric constant, such as cellulose acetate, repel ions in the close
vicinity of the surface which results in preferential sorption of water. This layer of water is
then forced through the membrane capillaries under pressure. The dissolved solids which
when saturated due to increase in concentration on the brine side of the membrane impose
scaling threat on the membranes thus reducing the flux and membrane life.
Application of Membrane Systems
Membrane processes are eco-friendly processes as they do not require large addition or
processing of chemicals. Single membrane processes do not mostly lead to absolute
separations. The combination of two or more membrane processes with or without additional
conventional unit operation can lead to near zero liquid discharge. Moreover, it is generally
believed that RO/NF is more suited for the decontamination of multi-valent species such as
uranium, cobalt, cadmium etc. it is also believed that scaling components such as calcium and
sulphate if present in the feed, limit the recovery and adversely affect the membrane
performance. In designing seawater desalination systems, the recovery is limited because of
20

calcium sulphate scaling be it thermal or membrane desalination. Recent studies have
indicated that NF–RO [35] combination can lead to more recovery in membrane desalination
by circumventing the scaling of calcium sulphate. Similar studies have also been reported
[36] for thermal desalination for raising the top brine temperature. The deeper analysis of the
process indicates a slightly charged surface such as NF membranes do not allow the
adherence of the species preventing the growth of crystals on the surface. Further the gelation
process of calcium sulphate also takes some significant time. Thus, combined with optimal
hydrodynamics we felt that the NF/RO hybrid system can be applied to achieve high
recoveries.
One of the major problems in industry is to meet the stringent environmental regulations with
reference to the heavy metal pollutants such as Cu, Cd, Pb etc. The allowed discharge limits
of these metal ions are less than few tenths of ppm while the effluent feeds concentration
levels could be a few ppm. In the case of domestic water purification, the removal of heavy
ions such as As is required to be below ten of ppb. Use of NF or RO is theoretically a good
solution. Given the osmotic pressure limitation due to the dissolved solutes and increasing
permeation of solutes with increasing recovery the application of RO or NF is limited. Even
if the process is useful the energy cost and the disposal of concentrates pose a major
challenge. On the other hand, if complexation UF is used, which makes the size of the
complex larger than the pore size of the membrane then the contaminants can be separated
into a small volume. Most of the complexes being reversible in nature, it may be possible to
reverse the complex say by change in pH and recover the metal ions as value product and
complexing agent for recycling. In fact this technique can be extended even to separate two
metal ions contaminating the effluents in minor amounts.
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1.4.

Mathematical model development of membrane based system

Mathematical modelling is an integral part of any process development in order to effectively
design the system for a given objective. M.Soltaneih and W.N. Gill [37] published a
comprehensive and detailed review of transport equations and mathematical model of
pressure driven membrane processes. Accordingly the most important membrane properties
of concern are the transport properties (i.e diffusivities and permeability) of solute and
solvent. The equilibrium solubility of solutes and solvents in the membrane phase play an
important role in the mechanism of separation.
Permeation is a phenomenological definition which refers to mass transfer through a medium
not only by diffusion but by a variety of transport mechanisms under various driving- forces
such as the concentration gradient, pressure gradient, electrical potential gradient and
temperature gradient. In the reverse osmosis process, the first two driving forces contribute to
the permeability of the membrane. Since the actual mechanism of transport through the
membrane is not fully known it is both useful and practical to use the term "permeability" for
specifying the membrane transport. Authors also commented that in contrast to permeability,
the diffusivity in the membrane phase is not easy to use because of the lack of information on
concentrations within the membrane matrix. Since the membrane structure is microporous,
with pore sizes in the same order of magnitude as that of the solute or solvent molecules, the
process of molecular diffusion is hindered by the pore wall effects.
Classification of Membrane Models
Membrane transport models have been derived from two independent general approaches.
First set of the models are based on non-equilibrium or irreversible thermodynamics(I.T.),
where the membrane is treated as a black box in which relatively slow processes are taking
place close to equilibrium. No information is needed on the mechanism of transport. This
22

method is useful especially when flow coupling exists between various species which are
being transported through the membrane.
In the second approach, some mechanism of transport is assumed and accordingly fluxes are
related to the forces that exist in the system. Thus, the physicochemical properties of the
membrane and solution are involved in the transport model. For example, the morphological
characteristics of the membrane such as porosity, tortuosity and the pore size, membrane
physical properties such as solubility of the solute and solvent and their transport properties
such as solute and solvent diffusivity, are required to develop an appropriate membrane
model. If all of this information is available, one can predict the membrane performance
without having experimental data under actual operating conditions. From this view point the
second approach is advantageous as compared to irreversible thermodynamic (I.T.) methods.
When structural features are not available, the membrane is normally treated as a
"discontinuous" phase separating the two solutions. In this case, all gradients will be replaced
by difference quantities and the models-derived are called "discontinuous models." However,
if structural features are available, transport equations can be applied on a local level within
the membrane. In this case the membrane is treated as a "continuous" phase and the models
derived are called "continuous models." It is obvious that if the concentration profile within
the membrane is not linear and the phenomenological coefficients are changing with
concentration and pressure, then the continuous models are expected to give better results
than discontinuous models because they are treated on a differential basis. The continuous
models can also be derived when I.T. is used. In this case the linear laws relating fluxes and
forces are applied to a differential element within the membrane.
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Irreversible Thermodynamics
When the structure of the membrane is not known and the molecular mechanisms of transport
processes within the membrane are not fully understood then the need of irreversible
thermodynamics is realised. One of the basic assumptions of the thermodynamics of
irreversible processes is that the system can be divided into small subsystems in which "local
equilibrium" exists and therefore thermodynamic quantities be written for these subsystems.
Thus at least on a local basis, the system should not be too far from equilibrium in order for
the methods to be applicable.
Kedem-Katchalsky Model [38.39]
The first practical model based on irreversible thermodynamics was developed by Kedem and
Katchalsky in1958 for transfer or non-electrolytes through membranes.
For isothermal non-electrolyte systems, and in the absence of chemical reaction,

n

   J i grad ( i )
i 1

Here,  

rate of entropy change with surrounding due to temperature change+ rate of

entropy change due to chemical potential change+ rate of entropy change due to chemical
reaction
For steady state systems, the flux of component i, J i remains constant and  i is chemical
potential of ith component.
x

 dx  
0

Here

m



x n

  J .grad   dx
0 i 1

i

i

x is membrane thickness.
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n

 m   J i i
i 1

Here m

is the dissipation function of whole membrane.

J v,i  LP p   i  i 

This is the transport equation of ith component. Here J i is solvent flux of ith component, LP is
filtration coefficient, P is available operating pressure,  i is reflection coefficient of ith
component and  i is osmotic pressure gradient of ith component.



J s , i  Cs , i



ln

1   i J v

 i  i

Here J s ,i is solute flux of ith component,

C 

s ,i ln

logarithmic solute concentration of ith

component and  i is solute permeability.

Spiegler-Kedem Model [40]
In Kedem-Katchalsky model, the coefficients ‘ L p , and  ’ are not too sensitive to
concentration. This is true as long as the volume flux and concentration gradients are not too
large. When large volume fluxes and high concentration gradients are involved then the
changing concentration profile at different flow rates have to be taken into account into
Spiegler-Kedem Model.
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1.5.

Objective of present work

Membranes can play a significant role in abating pollution and providing a means to convert
waste to wealth. It has also been observed that combination of membrane processes
judiciously can lead to eco-friendly and sustainable solutions. In view of this it is thought
pertinent to study the treatment of effluents through hybrid membrane systems; one for the
recovery of water from bulk scaling contaminants and the other for the removal & separation
of trace contaminants and develops mathematical models for their wider applicability.
Consequently the studies have been undertaken with specific objectives of
a. Investigations on hybrid UF systems for the ‘Removal / Separation of trace
contaminant/s from effluent stream using complexation–UF system’
a. Experimental Investigations on the removal of copper through UF membrane
with three different MWCO cut-off characteristics.
b. Experimental investigations on the Copper-PEI systems with same set of UF
membranes used in (a).
c. Developing a mathematical model based on Kedem-Katachlsky equations as
the basis.
d. Experimental investigations for the estimation of pore-size distribution of the
membranes.
e. Estimation of molecular weight distribution of the ligand polymer
f. Development of the model and validation with experimental data.
g. Experimental investigations on iron-Co mixed solute system and optimisation
of their separation through hybrid UF membrane system
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b. Studies on the ‘Recovery of water from near saturated sparingly soluble effluent
stream for reusing NF/RO hybrid Membrane system’.
a. Experimental investigations with NF membrane in the removal calcium
sulphate from its solution to study the performance characteristics with
recovery.
b. Identification and analysis of the different resistances and their impact on
performance.
c. Experimental studies on the physics of CaSO4 precipitation phenomenon.
d. Simulation model development for the above system.
e. Coupling of the above model with RO model
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CHAPTER 2

MATHEMATICAL MODEL FOR THE
REMOVAL OF TRACE
CONTAMINATION
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2.
Stringent environmental standards and increasing realization that ‘waste is wealth’ have made
it imperative to direct efforts towards recovering trace constituents from effluent streams as
well as seawater. Sorption techniques are being widely investigated for preferential
separation of the trace constituents such as uranium [41]. However, the presence of bulk
constituents makes the process cumbersome and more often economically unviable. In the
last few years, membrane based processes such as liquid membranes (LM), ultra-filtration
(UF), nano-filtration(NF), reverse osmosis (RO) etc. are emerging as alternative options for
the separation or removal of trace contaminants. Liquid membranes [42] can be highly
specific but require the use of costly solvents. Nano-filtration and reverse osmosis are
pressure driven processes requiring more energy. Besides, the trace metal concentrations
which are normally in the range of a few ppb to ppm are not well rejected as the rejection
behaviour of NF and RO are concentration dependent (solution controlled) at extremely low
levels of solute concentration. Even if they are rejected, the separation of the species from the
bulk constituents becomes difficult. In such cases complexation-ultrafiltration can play an
important role. It operates at low pressures and separates the complexed species from the
remaining bulk species [43-51]. In most cases, complexation-ultrafiltration utilizes the option
of recovering the metal species and ligand by changing the solution properties such as pH
[45].In complexation-ultrafiltration, the size of the trace metal species is enhanced
specifically to facilitate the separation. Extensive studies have been reported [44-51] with
respect to experimental investigations and development of mathematical models to explain
the behavioural characteristics of metal ions in the presence of complexing ligands. Most of
these studies [43-44] aim at establishing the mechanism of separation and were carried out
under laboratory conditions in flat sheets with membrane areas of about a few square
centimeters. These studies are useful in developing the basic equations for the designing or
modelling but cannot be applied directly for larger systems in practice without modifying
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some of the assumptions and model equations. Some of the models proposed in the literature
include assumptions such as ‘total rejection of the ligands through UF membranes’[43], the
‘applicability of average experimental rejection data of pure ligand and pure metal, for
ligand-metal mixed systems’[50,51] etc. The membrane systems are modular in nature and
capacity can be enhanced by adding or multiplying the unit systems. The basic unit of UF is
mostly hollow-fibre based (spiral and flat sheet configurations are also available) and is
available with a large spectrum of porosity (designated in terms of molecular weight cut off)
(MWCO). Even though, they are designated by distinct MWCOs such as 6KD, 20 KD,
100KD etc., the membranes do have a pore-size distribution which can be theoretically
estimated [52-54] or determined using different species of known molecular sizes [52].
Commercially available polymeric ligands also have molecular weight distribution.
Complexation is an equilibrium phenomenon and consequently free ions, free ligands and
complexed species would coexist in the feed stream. Some of these factors which can be
ignored under test cell conditions have significant influence on the performance of the system
at bench / pilot scale environment. Thus, there is a need to accommodate these factors in the
mathematical model to facilitate application of the complexation ultrafiltration in practice.
With this objective, attempts have been made to develop a mathematical model by suitably
incorporating necessary corrective terms to account for the membrane and ligand
characteristics. The relative error improvement with each additional correction term has been
compared with the experimental results obtained from copper – Polyethyleneimine (Cu-PEI)
system. The validity of the model is further established with experimental systems with
aqueous solutions of cobalt and iron. The model has been extended for systems involving
fractionation.
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2.1

Theoretical consideration

All membranes prepared by phase inversion technique have a pore-size distribution and the
rejection behaviour of the membrane at very low concentrations of solute species in the feed
stream is governed by least resistant route for the solute passage or one can say that it is
‘solution controlled’. Generally, as the solute concentration increases from the base level of
zero concentration, the solute rejection slowly increases upto a point beyond which there is a
marginal decrease. In complexation–UF, it is presumed that the trace metal species is bound
to the polymeric ligand and hence gets excluded because of the increased size. Once the
complexing polymeric ligand is added to the solution containing the trace metal ions it is
expected that some metal ions would be complexed. The extent of complexation would
depend on the equilibrium conditions which, in turn would be a function of pH, temperature
and relative concentration ratio of metal ion and complexing ligand. Unless the modified size
is higher than all the pores present in the membrane surface, there is a probability that the
modified-metal species may not be completely rejected by the membrane. The selection of
the polymer with appropriate molecular weight, ratio of the polymer/ metal species and the
molecular weight cut off (MWCO) of the membrane are important to ensure efficient
separation of the desired species.
Several models have been reported with different assumptions depending on the experimental
systems. Ruey Shin Juang in 1996 [43] has developed a mathematical model for
measurement of binding constants of polyethyleneimine (PEI) with metal ions and metal
chelates in aqueous media by ultrafiltration determining the binding properties of metal ions
and polymeric ligands on the assumption of total rejection of ligands. Javier Lianos [51]has
evaluated the affinity of partially ethoxylated polyethyleneimine (PEPEI) towards industrially
valuable metal ions (Cu+2, Ni+2, Cd+2 and Zn+2) and proposed a model based on the
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competitive reaction between polymer functional groups and the cations present in the
solution to predict metal rejection coefficients using the complex formation constant data. In
the present work, the rejection behaviour of metal and ligand have been predicted by
incorporating membrane discretised pore size distribution and ligand size distribution in an
irreversible thermodynamic transport model by modifying the ‘reflection coefficient’ and
‘solute permeability constant’ to predict the performance.
2.2

Objective

Hitherto, the most important assumptions of model development of complexation
ultrafiltration membrane [43] are ‘rejection of free metal through membrane is zero’ and
‘rejection of pure ligand through membrane is 100%’, resulting in high percentage of error in
practical systems where the recoveries are significantly high. In the present study, these two
trivial assumptions are eliminated and equations are modified by incorporating discretised
pore size distribution and size distribution of ligand in irreversible thermodynamics transport
model, to get better predictability of trace element rejection.
2.3

Experimental and Theoretical work carried out

Broadly the work carried out in the present study includes,


Development of mathematical model for separation of single component (trace metal)
system for membrane process.



Validation of the developed mathematical model for cobalt-PEI and iron-PEI system



Validation of model for multi-solute (cobalt-iron-PEI) system.



Validation of model by fractionation experiment with cobalt and iron with 6 KD and
100 KD membranes
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Demonstration of fractionation of multi-solute (cobalt-iron) system through
complexation UF.

2.3.1

Materials and Methods

In the present work, hollow fibre ultrafiltration membranes of 6 KD, 20 KD and 100 KD
molecular weight cut-off hollow fibre ultrafiltration membranes were selected .The
membranes were characterized by standard characterization methods. Selection of
membranes has been carried out to exhaust the whole range of ultrafiltration membrane. Low
flux, high selectivity 6 KD UF resembles a loose NF and high flux, low selectivity 100 KD
UF resembles a tight MF. 20 KD UF would provide the information in between of its two
boundary counterparts. In this work, selection of polyethyleneimine as a ligand for binding
trace elements over other polymers was endorsed by the high selectivity of polyethyleneimine
towards target trace elements (copper, cobalt, iron) and recovery of trace metals from metalligand complex by adjusting some physical parameters such as pH. The mathematical model
of separation of single component (trace metal) through complexation ultrafiltration is
developed, guided by the step by step experiments using copper-polyethyleneimine system.
The system has been selected because of the high stability constant of the complex and ease
of analytical measurements. In all the experiments carried out in present work;
polyethyleneimine concentration has been taken constant 160 ppm suggested by Molinari in
his work [45].Copper concentration has been varied from 1.6 ppm to 160 ppm. The rejection
behaviour of copper-polyethyleneimine system has been studied at different operating
conditions and the base mathematical model available in literature is modified step by step to
reduce the error between the model prediction and actual results. In the process of
modification, discretised pore size distribution of membrane and molecular weight
distribution of ligand have been incorporated in irreversible transport model. Each discerning
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trend is analyzed conceptually and mathematically corrected in the model. After developing
mathematical model for single component element guided by the rejection study of copperpolyethyleneimine system, mathematical model has been validated using cobaltpolyethyleneimine system and iron-polyethyleneimine system. Equilibrium constant for
cobalt-polyethylene system has been taken from literature [45]. Equilibrium constant for ironpolyethylene system has been calculated mathematically. Later the mathematical model has
been modified for multi-solute system and model has been validated with cobalt-ironpolyethyleneimine mixture. This mathematical model has been applied for fractionation of
multiple solute mixtures (iron-cobalt). One schematic flow sheet of developmental approach
has been given in Fig 2.1.
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Fig 2.1 schematic flow sheet of developmental approaches Experimental Methods
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Membrane: Hollow-fibre ultrafiltration membranes supplied by Davey Product having
MWCO 6KD, 20 KD and 100 KD have been used in all experiments. All the membranes
have been characterized by standard PEG and PEO method [52].Dimensions and available
area of these membranes are given in Table 2.1.
Table-2.1 Ultrafiltration membrane characteristics

Dimension (mXm)

Available area(m2)

6 KD

0.09X1.1

2.8

20 KD

0.09X1.1

2.8

100 KD

0.09X1.1

7

Pump: Horizontal centrifugal pump (CNP make, model CHL2-40) rated for 33 lpm flow rate
and 3 bar pressure was used. The feed flow rate of 35 lpm at 2.2 bar pressure was maintained
throughout the experiments by suitably manipulating the valves (concentrate recycle). The
fluctuations in flow measurements were about ±0.25 lpm and that of pressure was about ±0.1
bar.
Preparation of test solutions: Polyethyleneimine (50000D, AR grade) was purchased from
Sigma Aldrich. Copper Nitrate (AR grade) was purchased from S.D.Chemicals. All solutions
were prepared in distilled water, pH of solutions were adjusted by sodium hypochlorite and
hydrochloric acid as required.
Analysis of samples: For Copper, the samples are analyzed with atomic absorption
spectroscopy (model no. ICE3000, Thermoscientific make).For polyethyleneimine the
samples are analyzed with TOC (model no AnaTOC-2 SGE Australia).
Experimental System:The schematic diagram of the experimental set-up is shown in
Fig.2.2.The synthetic feed solution consisting of different load factor ratio of metal and
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ligand at constant pH has been prepared in UF feed water tank. The feed is pumped through
different molecular weight cut off UF module. To maintain the constant concentration in feed
tank, both the reject and product streams are recycled back to feed tank .The tanks are
calibrated in terms of volume.

Fig-2.2 Schematic diagram of Ultrafiltration complexation System

2.3.2

Estimation of mean pore diameter rp of membranes

There are several methods for the determination of pore size of the membrane both
instrumental and physical as described below [52-54]
Instrumental Methods: Electron microscopic techniques viz scanning electron microscopy
(SEM) transmission electron microscopy (TEM) and Atomic force microscopy (AFM) are
available to view the top or bottom or the cross section of the membrane. AFM is not suitable
for our purpose as it can give information on surface charges. In the case of SEM & TEM,
there could be change of pore structure during sample preparation stage. Further the
resolution is not very good in the ranges of UF membranes.
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Experimental Methods: Bubble pressure method is based on measurement of pressure
necessary to blow air through a liquid filled porous membrane. It acts on liquid displacement
technique. This method is reliable for measurement of largest pore and smallest pore. It does
not give precise idea on pore size distribution. Mercury porosimetry is a specific variant of
the bubble pressure method wherein mercury is used to fill the pores of the dry membranes.
Other methods include thermo-porometry and permporometry. The former is based on the
principle that the solidification point of the vapour condensed in the pores is a function of
interface curvature. The principle of the latter process is controlled blocking of pores by
condensation of vapour present as a component of a gas mixture.
Solute transport method or solute rejection method is direct method by in which the solute
retention of standard molecular weight species is measured. From this information combined
with statistics, the pore size distribution is arrived as described. The basic assumption is that
pore size distribution follows the normal distribution which is reasonable considering that the
pore formation occurs as a natural process when the pore forming agent is leached out during
the membrane preparation step. Thus, this method is chosen for the evaluation of mean pore
sizes and standard deviation of membranes from where one can estimate the distribution.
Solute transport method provides information pertaining to pore sizes throughout the
membrane area.
When solute rejection (%) of an UF membrane is plotted vs. the solute diameter on a log
normal probability paper, a straight line is formed. In practice, UF membranes are being
characterized by taking different molecular weight of polyethylene glycol (PEG) and
polyethylene oxide (PEO).The formula for calculation of solute diameter (A) of PEG and
PEO with respect to their molecular weights (M) are given below.
For PEG: A=16.73X10-10 M0.557
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For PEO: A=10.44X10-10M0.587
From the plot of experimental values of solute rejection (%) of UF membrane against the
solute diameter, the solute diameter corresponding to 50% solute rejection is taken as the
mean pore diameter of membrane. The geometric standard deviation is obtained by the ratio
of solute diameters corresponding to 83.14% and 50% solute rejection, with the assumption
that there exist no steric or hydrodynamic interactions.
Estimation of solute diameter rs : Solute diameter (Copper and Polyethyleneimine) is obtained
from Stoke Einstein equation given below where M w is weight average molecular wt.
(gm/gmmol),   is specific viscosity (cc/gm), N A is Avogadro’s No.
Based on Einstein equation [52]
 3x10 3 M w   

DS  2 x10 
 10N A


1/ 3

10

2.3.3

Mathematical model for separation of single component

Complexation model
This model [51] has the following basic assumptions:
The equilibrium is instantaneously attained.
Metal ligand formation will be governed by stoichiometries from 1:1 to 1:n .
pH value is alike in the both sides of the membrane.
No hydroxides are formed within operating pH interval.
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Competitive reactions between metal ions (Me), ligand ions (L) and protons (H) have been
considered as follows. K ais protonation constant and K n is equilibrium constant and n is
coordination number of ligand.
2.1

K a = [ H ] *[ L] free
[ HL]

HL  H  L ;

Me  nL  MeL K n 
n

2.2

[ MeLn ]
n
[ Me] free .[ L] free

Mass balance applied on total concentration of metal ion

Me  Me free  n [MeLn ]

2.3

Mass balance applied on total concentration of ligand ion

L  L free 

[ L] free *[ H ]
Ka

  n.K i ,n Me free .L free
n

i

2.4

n

Inserting the values of equation 2 and equation3, we get

Me free 

2.5

[ Me]
1   K i ,n * [ L]nfree
n

Inserting the expression of equation 5 into equation 4, we get

L  L free 

[ L] free *[ H ]
Ka

 i

[ Me] *  n * K i ,n *[ L]nfree

2.6

n

1   K i ,n *[ L]nfree
n
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Free ligand concentration is obtained by solving equation 6 while free metal concentration
can be found out by solving equation 5.
Rejection of metal is given by
RMefree  RL  K n .L free
n

RMe 

2.7

n

1   K n .L free
n

n

Several authors have predicted rejection of metal R Me
form) by taking

(rejection of metal in complexed

RMefree (pure metal rejection) value and RL (pure ligand rejection) values

from ultrafiltration experimental data [51]. Some authors have also taken RMefree value zero
and RL value 100% for mathematical simplicity [43]. RMefree is not zero for most of the UF
membranes. Hence, for the model development, we have modified the terms RMefree and RL
by incorporation of discretised pore size distribution of membranes and ligand size
distribution in Kedem -Katchalsky’s transport model.
2.3.3.1 Modifications carried out in current studies
Various models based on different approaches are reported [55-58] to describe and predict
the solute passage through the membrane. Kedem-Katchalsky’s irreversible thermodynamics
approach has been considered in the present paper as the molecular mechanisms of transport
processes within the membrane are not fully understood. The basic equations for the solute
flux and the solvent flux [59] are given as

J v  LP p   

2.8

J s  Cs ln 1   J v  

2.9
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Cs ln 

Cm  C p
ln

2.10

Cm
Cp

Here J v , J s represent solvent & solute fluxes, LP is the filtration coefficient, p is pressure
drop across the membrane,  is reflection coefficient,  is the solute permeability and  is
the osmotic pressure difference between the fluid on membrane surface and product stream,

Cs ln is logarithmic concentration, Cm is concentration of solute on membrane surface and
C p the concentration of solute in product stream.

In essence,  indicates the solute rejection property of the membrane and  indicates the
solute permeability through the membrane. Since  is dependent on membrane, there needs
to have an appropriate correction factor for  reflecting the membrane nature. Similarly 
requires modification as it refers to the permeability of solute species having a size
distribution.
2.3.3.2 Incorporation of pore theory in rejection model
Pappenheimer [59] and Verinory [60] incorporated pore theory for trans-capillary transport.
According to this theory the membrane structure can be estimated by the parameters  and 
Nakao-Kimura et.al [61] has described the structural implications of the ultrafiltration
membrane using the ‘pore theory’. They have assumed that cylindrical membrane pore has a
constant radius

rp and length ∆X and that the spherical solutes have a radius. rs .

 and  can be written in terms of pore theory as
  1 g q .S F

2.11
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 Ak 

 X 

2.12

  D. f q .S D .

D is diffusivity of solute. Ak is the ratio of total cross sectional pore area to the effective

membrane area. q is ratio of solute radius to pore radius.

q

2.13

rs
rp

S D and S F are the steric hindrance factors for diffusion and filtration flow respectively and are

defined as

S D  (1  q) 2

2.14

S F  21  q   1  q 
2

f q  and g q 

2.15

4

are the correction factors for the effects of a cylinder wall and are calculated

as

f q   1  2.1q  2.1q 3  1.7q 5  0.73q 6 /(1  0.76q 5 )

2.16

g q   1  0.6667q 2  0.2q 5 / 1  0.76q 5 

2.17

Eq.2.9 can be rewritten
J s  Cs ln 1   ( L p (P   ))  

J s  Cs ln g (q).S F ( L p (P  (1  g (q).S F ) ))  D. f (q).S D
 rp2   Ak 
.
J w  L p .P  
.P
 8   X 


L
8

Ak
p.

X
rp2

2.18

Ak

X

2.19
2.20
2.21
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A kis constant for a specific membrane and can be expressed in terms of pure water flux using

Hagen Poiseuille equation and J w is pure water permeability,  is solvent viscosity. J s is the
solute flux (free metal as well as free ligand). L p , C m and P were measured during the
experiments. The rp was estimated based on experimental studies as described in “estimation
of mean pore size” section. Solute fluxes for free metal and free ligand were calculated using
eq.19. P was taken equal to the operating pressure as the pressure drop along the length of
the membrane was negligible. As the experiments were conducted at very low concentrations

 is not significant. However, values could be estimated based on the molar concentration.
D, µ and rs were obtained from literature.
2.3.4

Results and Discussion

2.3.4.1 Basic Membrane and ligand characteristics
Before starting actual experimental studies on rejection behaviour of trace element,
ultrafiltration membranes and ligand polyethyleneimine were characterized. Membranes were
characterized by measuring pure water permeability values and later PEG-PEO method for
mean pore size evaluation. Ligands are characterized with respect to their size distribution.
Pure water permeability (PWP) values of all the membranes (Fig-2.3) have been taken at
different pressure (operating pressure) with distilled water. PWP values of different
membranes increase with increasing pressure. PWP value is highest for 100 KD membranes
as it is having larger mean pore diameter, more permeable than other two membranes.
Lpvalues of all the membranes have been calculated by the slope of the graph which measures
PWP values of distilled water through the membrane at different pressures. Although there is
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no significant pressure drop during the experiment, (Fig-2.4) in general after every
experiment the flushing has been done for 2 min and after 2 sets of experiments backwashing
was done for 30 sec.
Pressure drop is measured by the difference of two calibrated pressure gauge readings
installed at the entry and exit points of the test module element. The feed did not contain any
significant concentration of scaling components and hence pressure drop due to scaling was
ruled out. The other possibility was fouling of the membranes due to deposition or
concentration of PEI molecules near the membrane surface. As per our observations the
pressure drop was negligible (< 0.2 bar i.e. detectable limit) indicating that pressure drop due
the hydrodynamics is not significant with reference to the present experimental system.
Pure water permeability (PWP) and pressure drop of different membranes:

Fig-2.3 Pure water permeability (PWP)s of Fig-2.4 variation of pressure drop across UF
different molecular wt. cut off membrane

module during the time of experimentation

Membrane characterization and Pore size distribution of membrane
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Molecular weight cut off refers to that molecular weight of solute which gives 90% rejection
by that membrane. For confirmation of actual molecular weight cut off of commercially
available hollow fibre ultrafiltration membranes standard poly ethylene glycol-polyethylene
oxide method has been followed as described in “estimation of mean pore sizes of
membranes “section. Standard solution of polyethylene glycol of different molecular weight
(upto 35000 Dalton) and polyethylene oxide of different molecular weight (upto 100000
Dalton) have been simulated in feed tank and passed through the different molecular weight
cut off membranes (6 KD, 20 KD and 100 KD). Fig 2.5 shows that 6 KD membrane gives
90% rejection of 6000 D (i.e. 6 KD) PEG; 20 KD membrane gives 90% rejection of 20000 D
(i.e. 20 KD) PEG and 100 KD membrane gives 90% rejection of 100000 D (i.e. 100 KD)
PEO. By this process the molecular weight cut off of commercially available membranes
were confirmed.

Fig-2.5 Variation of solute rejection in different membranes with different solute
molecular weight

The solute molecular weight has been converted to solute diameter following equations of
size (A) of PEG and PEO vs. Molecular weight (M). Solute size (i.e. solute diameter) has
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been plotted in Fig 2.6. Mean pore sizes and standard deviations have been ascertained by the
process described in “estimation of mean pore sizes of membranes” section.

Fig-2.6 Solute mean size of different molecular wt. cut off membrane

Mean pore sizes and standard deviations for 6 KD, 20 KD and 100 KD membranes are given
in Table-2.2.
Table-2.2 Mean pore size of Ultrafiltration membrane

Membrane

6 KD

20 KD

100 KD

Mean pore size(nm)

3.1

4.49

7.20

Standard Deviation

1.82

2.02

2.47
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2.3.4.2 Discretisation of the pore sizes:
Discretisation in mathematics concerns the process of transferring some continuous function
into its discretised (i.e. smaller) counterparts. In this work, physical discretisation of existing
membrane pores has been done. Knowing mean pore sizes and standard deviations of three
different molecular weight cut off membranes, cumulative pore size distribution of said
membranes have been plotted in Fig-2.6. In cumulative pore size distribution of membranes
total number of pores of membrane is taken to unity. Each and every fraction of pores has
been given a definite specific pore size range.

Cumulative pore size distribution of membranes
1
6 KD
20 KD
100 KD

0.9
0.8

Fraction of pores

0.7
0.6
0.5
0.4
0.3
0.2
0.1
0

0

2

4

6

8
10
12
pore size (nm)

14

16

18

20

Fig2.7 Cumulative pore size distribution

From Fig-2.7 it has been observed that for 6 KD membrane 80-90% of total pores are within
5.5 nm, for 20 KD 80-90% of total pores are within 7.2 nm, for 100 KD 80-90% of total
pores are within 11 nm. Here whole domain has been subdivided (discredited) in ten equal
sub domains. From this distribution, maximum size of pores in each sub domain has been
evaluated as given in Table-2.3.
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Table-2.3 Discretised pore size distribution

Fraction 0.0of pores 0.1
0.7
6 KD

0.10.2

0.20.3

0.30.4

0.40.5

0.50.6

0.60.7

0.70.8

0.80.9

0.91.0

1.5

2.1

2.5

3

3.5

4.0

4.6

5.4

11.0

20 KD

2

2.9

3.5

4.1

4.6

5.1

5.7

6.3

7.2

12.5

100 KD

4.2

5.3

6.0

6.7

7.3

8.0

8.6

9.4

10.5

17.0

2.3.4.3 Molecular weight distribution of ligand
Polyethyleneimine (PEI) or polyaziridine is a polymer with repeating unit composed of the
amine group and two carbon aliphatic CH2CH2spacer. Linear polyethyleneimines contain all
secondary amines, in contrast to branched PEIs which contain primary, secondary and tertiary
amino PEI is produced on industrial scale and finds many applications because of its affinity
towards selective trace metals. The metal-ligand interaction is influenced by many factors
including the functionality of the chelating group, the density of chelating groups in the
polymer, oxidation state and electronic configuration of the metal, stereochemistry, steric
constraints as well as electrostatic interactions groups shown in Fig2.8 .Totally branched,
forms are also reported. The chelating functionality usually consists of some type of mono-,
bi-, or polydentate moiety of polyethyleneimine. The spacing between the functional groups
on the polymer can play an important role for formation of ligand complex. If the donor
groups are close together on the polymer chain, or if there is little steric hindrance between
chains, several monodentate ligands can act as a polydentate ligand. Thus, the metal ion can
induce local folding or crosslinking of
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Fig 2.8 Linear and branched chain polyethyleneimine

the polymer chains. In this present work, branched chain polyethyleneimine having 50000 D
molecular weight has been taken. The facts that polyethyleneimine having lower molecular
weight having lower selectivity and higher molecular weight having lower flux and higher
scaling threat on membrane surface promotes to select the polyethyleneimine in that range.
Branched chain polyethyleneimine has more active sites compared to its linear or
hyperbranched counterpart. Besides, the branched chain polyethyleneimine does not cause
the conformation change of polymer chains in aqueous solution probably due to highly
branched globular structure. Viscosity value of branched chain polyethyleneimine remains
constant over the pH range of 2-11, wheras viscosity value for linear polyethyleneimine
decreases with increasing pH.
Average solute size of polyethylene mine evaluated from Stoke Einstein Equation is 39 nm.
As earlier discussed that polyethyleneimine is a cluster of mono-dentate, bi-dentate and
polydentate polymer, so size distribution or molecular weight distribution of this ligand will
be very important parameters pertaining to overall rejection.
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Size distribution of polyethyleneimine has been obtained from Dynamic Light Scattering
(DLS).The basic principle of this instrument is when a monochromatic light beam, such as a
laser passes through a solution with spherical particles moving in Brownian motion, it causes
a Doppler shift. When the light hits the moving particle, the wave length of incoming light
has been changed. This change is related to the size of the particle.
Attached software in the instrument gives the size distribution and molecular weight
distribution of given polymer and also the size vs. weight fraction and number fraction data.
The molecular weight distribution plot, size distribution plot and size vs. weight fraction of
polymer obtained from DLS experiment are given below.

Fig 2.9 Molecular wt. distribution of PEI

Fig 2.10 Size distribution of PEI

Fig 2.9 shows the molecular weight distribution of PEI. This molecular weight distribution is
converted to size distribution by software inbuilt in DLS. Fig 2.10 shows that actual size
distribution of polyethyleneimine is much less than the size predicted by Stoke Einstein
equation (39 nm). The size distribution of polyethyleneimine is given below in table 2.4.
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From the size distribution of PEI it has been concluded that almost 66% of PEI weight
fraction having diameter less than 3.5 nm.

Table-2.4 Size distribution of ligand (PEI)

Wt.fraction

0.107 0.281 0.281 0.166 0.089 0.044 0.02 0.008 0.003 0.001

Diameter
(nm)

1.8

2.3.5

2.5

3.3

4.5

6.1

8.2

11.1 14.9

20.2

27.2

Experimental rejection data

2.3.5.1 Rejection information of pure copper and pure ligand
Fig-2.11 shows pure copper rejection (in red) and pure ligand rejection (in black) in 6 KD
membrane. Pure copper rejection is very low due to its small size compare to membrane pore
size and this rejection behaviour is independent of copper concentration. As the weight ratio
(1:2.5) copper and polyethyleneimine gives most stable complex; rejection of 64 ppm copper
has been shown in the graph. Pure ligand rejection is reported quite high. In order to get a
satisfactory rejection of copper it has been complexed with ligand and sent through
ultrafiltration membrane.
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Fig-2.11 Pure PEI (160 ppm) rejection and pure copper (64 ppm) rejection data

2.3.5.2 Experimental rejection of Copper by complexation with Polyethylene imine
(PEI)
The Fig.2.12 refers to the rejection behaviour of copper in the presence of PEI for three
different membranes corresponding to three distinct MWCO cut offs namely 6KD, 20KD and
100KD. Because of the different MWCO the membranes exhibit distinct ‘average pore-size’
and ‘pore size distributions’. The fraction of the larger pores as well as the average pore-size
is higher for the membranes with MWCO-100KD, less for 20KD and the least for 6KD.
Same concentration and same lot of PEI is used for all the three experiments, thereby
meaning that the MW distribution is the same. The copper permeation through the
membranes now can be due to two reasons i.e. permeation of uncomplexed Cu and
permeation of Cu-PEI complex formed with lower MW PEI. The first part of the rejection
curves (which is nearly flat) for all the three membranes is the membrane controlled domain,
as their pore size distribution is distinct. In this domain all the Cu is in the Cu-PEI complexed
form. Therefore the rejection exhibited by copper is due to permeation of low-MW Cu-PEI
complex whose percentage is more for 100KD and least for 6KD. On the other hand the
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second part of the curve indicates the fall in rejection due to uncomplexed copper (as no more
bonding sites with PEI are available) and the slopes are nearly same indicating that the same
amount copper is permeating. All the three curves are parallel indicating that other than the
pore size distribution no other membrane property is responsible for the behaviour.

Fig-2.12 Experimental rejection behaviour of copper as a complexed with PEI ligand,
concentration 160 ppm

2.4

Model Validation

The strategy of validation of model is given in Fig 2.13.The model equations have been
developed by incorporating modifications to the base model (without corrections for poresize
distribution & molecular weight distribution for the complex) and later incorporating the
corrections step by step. At every step the model performance is compared with field results
and the error margin between the experimental values and model values were worked out.
The base model algorithm assumes pure ligand rejection 100% and pure metal rejection 0%
as given by [43] Based on this assumption, the model is used to estimate metal rejection RMe
with the condition RMefree =0 and RL =1 .Then calculated error margin with respect to
experimental value. The ultimate objective is to minimize the error by incorporating
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modifications to the base model. In the first modification incorporation of mean pore sizes of
membrane has been incorporated and in the second modification discretised pore sizes of
membranes and size distribution of ligand has been incorporated. In every step, the error
margin has been calculated. Percentage error calculation is given in Table-2.6.

Fig-2.13 Strategy of validation of experimental data with mathematical model
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2.4.1

Assuming pure ligand rejection 100% and pure metal rejection 0%

Fig 2.14 shows a single mathematical model line far away from actual three numbers of
experimental lines fails to validate experimental rejection data. Experimental rejection
behaviours of copper are different for three different molecular weight cut off membranes
owing to their different pore size distribution. When mathematical model assumes 100%
ligand rejection and 0% pure metal rejection for all three membranes it abstains to accept the
facts that different molecular weight cut off ultrafiltration membrane has different pore sizes.
This primitive assumption in mathematical model leads to a single line instead of three
rejection line obtained from actual experimental study. Error margin between experimental
study and model has been calculated and reported in Table2.6.

Fig-2.14 Validation of model with experimental data by assuming pure ligand
rejection 100% and pure metal rejection 0%
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2.4.2

Validation of experimental rejection data of copper with incorporation of mean

pore sizes of membrane
Fig 2.15 shows that with incorporation of mean pore sizes of membranes in mathematical
model; three different molecular weight cutoff membranes acquire different characteristic
with respect to their pore sizes, consequently single model line splits into three model lines,
still they are far away from actual experimental data. Predicted rejection is still higher than
actual rejection behaviour of copper.

Fig-2.15 Validation of experimental rejection data by incorporating mean pore sizes of
membranes in mathematical model

Calculation procedure is given below (schematically explained in Fig 2.16):
For incorporation of mean pore sizes of three membranes for each components (copper and
Polyethyleneimine) six sets of q values are obtained. For evaluating steric factors ( S D , S F )
and wall correction factors ( g, f ) of diffusion and filtration flow by utilizing six sets of q
values, six sets of steric factors and wall correction factors are obtained for individually
diffusion and filtration flow. These factors are incorporated in irreversible thermodynamic
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model and six sets of  and  are obtained. From this irreversible model, six sets of product
concentration followed by six sets of rejection values have been obtained. Rejection of metal
for a particular membrane

RMe has been predicted by putting rejection value of copper and

PEI for this particular membrane obtained from irreversible model. Consequently three
graphs from mathematical model are obtained for three individual membranes.

Fig-2.16 Explanation of Calculation procedure for incorporation of mean pore diameter

2.4.3

Validation of experimental rejection data of copper with incorporation of

discretised pore sizes of membrane and size distribution of ligand
Fig 2.17 shows that experimental rejection behaviour of copper is well predicted by modified
mathematical model. Final modification of the mathematical model has been done by
incorporating discretised pore size distribution of membrane and size distribution of ligand.
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By incorporating ligand size distribution in model, it has been realized that 66% of ligand
molecule having diameter less than 3.5 nm (less than even mean pore diameter of 6KD) and
having a potential escaping tendency through the larger pore diameter of 100 KD, 20 KD and
even 6KD. When copper concentration in solution is higher, the model is not good enough
for prediction. Model is valid up to 70 ppm copper concentration (saturation limit of metalligand complex) in solution, beyond this limit rejection of copper deteriorates. The
phenomenon which is prevailed in higher copper concentration region is explained by
saturation concept. When all the active sites of ligand get saturated excess copper in solution
is reported into product stream which results declining in rejection of copper.

Fig-2.17 Validation of experimental metal rejection by incorporating poresize
distribution of membrane and size distribution of polyethyleneimine

Calculation procedure is showing below:
Calculation of free metal rejection RMefree and pure ligand rejection RL which are otherwise
taken as 0% and 100% respectively has been done by incorporation of discretised pore size
distribution of membrane and size distribution of ligand. Three examples of evaluation of
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pure ligand rejection at a specific load ratio (1:2.5 copper: PEI) have been shown in Table
2.5A, 2.5b and 2.5C. By following the same procedure, free metal rejection is evaluated at
each load ratio. After that, following the equation 1-7, metal rejection is evaluated for this
specific load ratio. Hence, for each specific load ratio the error margin has been calculated
with

respect

to

actual

experimental

data.
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Table-2.5a Explanation of calculation procedure for 6 KD 1:2.5 load ratio of copper and PEI

6KD

PEI fraction

0.107

0.281

0.281

0.166

0.089

0.044

0.02

0.008

0.003

0.0001

Fraction

Dia(nm)

1.8

2.5

3.3

4.5

6.1

8.2

11.1

14.9

20.2

27.2

0.1

0.7

100

100

100

100

100

100

100

100

100

100

0.1

1.5

100

100

100

100

100

100

100

100

100

100

0.1

2.1

99.5

100

100

100

100

100

100

100

100

100

0.1

2.5

97

100

100

100

100

100

100

100

100

100

0.1

3

91

99.3

100

100

100

100

100

100

100

100

0.1

3.5

84

96.9

99.9

100

100

100

100

100

100

100

0.1

4

76

92.7

99.2

100

100

100

100

100

100

100

0.1

4.6

66

86.9

96.9

100

100

100

100

100

100

100

0.1

5.4

56

77.8

91.9

99.3

100

100

100

100

100

100

0.1

11

19

34

48.5

69

87.5

97.7

100

100

100

100

8.43

24.94

26.31

16.07

8.78

4.38

2

0.8

0.3

0.01

Total rejection

1

92
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Table-2.5 b Explanation of calculation procedure for 20 KD 1:2.5 load ratio of copper and PEI

PEI
fraction

0.107

0.281

0.281

0.166

0.089

0.044

0.02

0.008

0.003

0.0001

fraction

dia(nm)

1.8

2.5

3.3

4.5

6.1

8.2

11.1

14.9

20.2

27.2

0.1

2

99.8

100

100

100

100

100

100

100

100

100

0.1

2.9

92.6

99.5

100

100

100

100

100

100

100

100

0.1

3.5

83.8

96.9

99.9

100

100

100

100

100

100

100

0.1

4.1

74

91.9

98.9

100

100

100

100

100

100

100

0.1

4.6

67

86.9

96.9

100

100

100

100

100

100

100

0.1

5.1

60

81.1

94

99.7

100

100

100

100

100

100

0.1

5.7

52.8

74

89.9

98.7

100

100

100

100

100

100

0.1

6.3

46

68.8

84.4

96.9

100

100

100

100

100

100

0.1

7.2

39.3

60

77.1

92.9

99.4

100

100

100

100

100

0.1

12.5

15.5

27.3

41

60.5

81

94.4

99.7

100

100

100

6.75

22.1

24.78

15.75

8.72

4.37

1.99

0.8

0.3

0.01

20KD

Total rejection

1

85.6
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Table-2.5 c Explanation of calculation procedure for 100 KD 1:2.5 load ratio of copper and PEI

20KD

fraction

PEI
fraction
dia(nm)

0.1

4.2

73.4

91.1

98.6

100

100

100

100

100

100

100

0.1

5.3

58

79

92.7

99.4

100

100

100

100

100

100

0.1

6

49.4

72

87.4

97.8

100

100

100

100

100

100

0.1

6.7

44

64.2

81.6

95.2

99.8

100

100

100

100

100

0.1

7.3

38

58

76.4

92.2

99.2

100

100

100

100

100

0.1

8

33

51.5

70

88.6

98.1

100

100

100

100

100

0.1

8.6

30.8

49

65

84.8

96.6

100

100

100

100

100

0.1

9.4

27

42.6

60.3

80.3

94.1

99.6

100

100

100

100

0.1

10.5

22

35.7

52.8

73.4

89.8

98.9

100

100

100

100

0.1

17

10.3

16.5

27.1

42.5

60.5

97

100

100

100

100

4.13

15.72

20.04

14.2

8.34

4.38

2

0.8

0.3

0.01

total rejection

0.107

0.281

0.281

0.166

0.089

0.044

0.02

0.008

0.003

0.0001

1.8

2.5

3.3

4.5

6.1

8.2

11.1

14.9

20.2

27.2

1

70
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2.5

Percentage error calculation

Percentage error (Table-2.6) has been calculated in order to assess the validity of the model
developed.
Table-2.6 Percentage error calculation

6 KD

100 KD

20 KD

Load
ratio(
Cu:P
EI)

Case1

Case-2

1:100

7.5

7.2

1.0

1:10

7.4

7.1

1:2.5

7.8

1:1

13.6

Case-2

Case-3

Case-1

Case-2

Case-3

17.6

16.3

0. 56

35.13

30.9

2.3

1.1

16.8

15.0

0. 3

36.05

30.17

1.9

7.6

0.7

16.1

14.2

0. 8

36.6

30.03

1.6

13.3

4.5

21.9

19.7

4.3

49.2

41.9

6.6

Case-3 Case-1

Note: Case-1 represents pure ligand rejection 100% and pure metal rejection 0%; Case-2
incorporates of mean pore size of membranes; Case-3 incorporates of discretised pore sizes
of membrane and size distribution of ligand.
Table 2.6 shows that each modification in mathematical model helps to bring down error
significantly. For 6 KD, two step modifications bring down error from 7.5% to 1.0% at 1:100
load ratio. When load ratio increases with respect to copper (copper concentration increases
in solution) error margin depletes from 13.6% to 4.5%. At higher copper concentration, once
all coordination sites of ligand gets exhausted; excess metal reports in product stream
decreasing rejection significantly. For 100 KD, two step modifications bring down error
from 35% to 2.3%. For 100 KD molecular weight cutoff membrane the assumption of 100%
ligand rejection is imprudent and hence it gives rise 35% error value.
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2.6

Prediction of rejection behaviour of single system by mathematical model

2.6.1

Prediction of rejection behaviour of cobalt system

Rejection behaviour of cobalt –polyethyleneimine system has been developed in
mathematical model by following same mathematical equations. The equilibrium constant of
cobalt-polyethyleneimine system has been obtained from literature [43]. Fig 2.18 shows that
with increasing cobalt concentration in solution rejection of cobalt decreases. In model
equation (equation 7), rejection of metal is directly proportional to free ligand concentration.
Higher metal concentration leads to lower free ligand concentration, as coordination sites of
ligand get exhausted.

Fig-2.18 Prediction of rejection behaviour of cobalt in cobalt –PEI complex by
mathematical model at PEI concentration 160 ppm

Validation of mathematical model has been done by experimental rejection data of cobalt
when cobalt-PEI complex has been passed through ultrafiltration membrane. Fig 2.19 shows
that experimental rejection is highest at (1:5 weight ratio of cobalt and Polyethyleneimine) 32
ppm cobalt concentration. At lower cobalt concentration, for 100 KD molecular weight cutoff
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membrane rejection decreases first and then increases. This phenomenon can be illustrated
with the fact that at lower concentration rejection through the membrane becomes membrane
controlled. Solute prefers least resistance path at lower concentration, hence rejection
decreases. Validation of mathematical model with experimental result is fairly good. It is
coming below 5% error margin level.

Fig-2.19 Validation of rejection behaviour of cobalt by experiments

2.6.2

Prediction of rejection behaviour of Iron system

For development of model for iron-polyethyleneimine system, equilibrium constant has been
evaluated from the following equations.
Evaluation of equilibrium constant:[43]
RMefree  RL  K n .L  free
n

RMe 

2.22

n

1   K n .L  free
n

n
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Now putting RMefree =0; and
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1  K1. L free
n

2.28

2.29

Me

Fig 2.20 shows rejection behaviour of iron in iron-polyethyleneimine complex as predicted
by mathematical model. In this figure also, the rejection of iron decreases with increasing
iron concentration in solution. This observation ultimately leads to the fact that once
saturation of ligand coordination site takes place, feed metal concentration reports into
product.

67

Fig-2.20 Prediction of rejection behaviour of iron in iron–PEI complex by mathematical
model at PEI concentration 160 ppm

Fig2.21 shows the experimental rejection behaviour of iron and the rejection behaviour
predicted by mathematical model is well validated. Error margin is coming below 4% level.
The model has been successfully validated by experimental data upto 100 ppm iron
concentration, beyond that saturation concept of ligand has to be taken care by mathematical
model.

Fig-2.21 Validation of rejection behaviour of iron by experiments
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2.7

Prediction of rejection behaviour of multi-component system

Modifications of mathematical model for multi component solution [51]
For development of mathematical model for multi-component solute, same equations (1-7)
have been rewritten with respect to ith no of components. When multi-component present in
solution there is a continuous competition observes between two components with respect to
binding capability towards ligand.

HL 
 H  L; K a 

H . L
HL

Mei  nL 
 Mei Ln ; Ki , n 

2.29

Mei Ln 
Mei free.Lnfree

2.30

Here i is number of components.
Mass balance of each metal ion
2.31

Mei   Mei free  Mei Ln 
n

Mei p  Mei free.1  RMefree

,i

  1  R Me L 
L

i

2.32

n

n

Mass balance of each ligand ion
2.33

L  Lfree  HL    n.Mei Ln 
i

L  Lfree 

Mei free 

Lfree. H 
Ka

n


i

Mei 
n
1   Ki , n .Lfree
n

L  Lfree 

Lfree. H 
Ka


i

 n.K Me  .L
n

n
free

i free

2.34

n

2.35

Mei  n.Ki, n .Lnfree
n

1   Ki , n .L free

2.36

n

n
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Mei p
RMe,i  1 
Mei 

2.37

RMefree,i  RL  Ki , n .L free
n

RMe,i 

2.38

n

1   Ki , n .L free
n

n

2.7.1

Rejection of multi-component solute in 100 KD membrane

Fig-2.22 shows that rejection behaviour of multi component system. This system consists of
160 ppm polyethyleneimine, 32 ppm cobalt and iron concentration is varying from 0-160
ppm. Figure shows that the rejection behaviour of cobalt remains unaltered in presence of
varying iron concentration although overall rejection of cobalt decreases from its single
component counterpart (5% lower) as available free ligand concentration decreases owing to
the presence of another co-ion. Rejection behaviour of iron gets drastically deteriorated in
presence of cobalt. In 100 KD membrane deterioration of rejection of iron from its single ion
counterpart is 55% at low iron concentration and 70% at high iron concentration. This
observation corroborates the fact that cobalt forms more stable complex with
polyethyleneimine than iron.
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Fig-2.22Rejection study of cobalt and iron in mixed solute containing fixed amount of
cobalt (32 ppm) and PEI (160 ppm) in 100 KD membrane

2.7.2

Rejection of mixed solute in 20 KD membrane

In 20 KD membrane, the same trend of rejection behaviour of iron has been observed in
Figure 2.23. Here deterioration of rejection of iron in presence of cobalt is reported 40%
lower compare to its single counterpart. Cobalt rejection is unaffected with varying
concentration of iron but still it is 3% lower than its single component counterpart.
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Fig-2.23 Rejection study of cobalt and iron in mixed solute containing fixed amount of
cobalt (32ppm) and PEI (160 ppm) in 20 KD membrane

2.7.3

Rejection of mixed solute in 6 KD membrane

Same trend is being followed in 6 KD membrane showed in Fig 2.24. Here iron rejection
deteriorates 30% compare to its single ion counterpart. The variation in rejection behaviour of
iron in three different molecular weight cut off membranes is a consequence of different pore
size distribution.
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Fig-2.24 Rejection of mixed solute (cobalt 32 ppm, PEI 160 ppm) in 6 KD membrane

A vast difference in rejection behaviour of iron in presence of cobalt compares to its single
component rejection behaviour leads to study a new arena of separation world i.e.
fractionation of multi-solute system.
2.8

Fractionation of multi-solute components

Fractionation of multi-solute system is defined as a separation of single component as pure as
possible from multi-solute mixtures. Parameter which describes the fractionation
performance is defined as separation factor.
Separation factor is defined as the ratio of concentration of target component in final product
(may be reject or product) to concentration of non-target component in final product (may be
reject or product).
To study the fractionation of multi-component system, a simulated solution with 32 ppm iron,
32 ppm cobalt and 160 ppm PEI has been prepared. Different combination (reject staging,
product staging) of 6 KD and 100 KD membranes are selected. The prediction of
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fractionation behaviour of cobalt and iron by mathematical model at different combination of
100 KD and 6KD membranes are given below.
2.8.1

Reject staging of 100 KD followed by 6 KD membrane

Simulated solution of 32 ppm cobalt, 32 ppm iron and 160 ppm Polyethyleneimine is
prepared and sent to 100 KD membrane as shown in Fig 2.25. In presence of multicomponent solute 100 KD membrane cobalt rejection is 65% and iron rejection is 18%,
whereas 6 KD membrane cobalt rejection is 84% and iron rejection is 43%. Reject stream
having 71 ppm cobalt and 43 ppm iron is sent to 6 KD membrane. Final product contains
11.2 ppm cobalt and 26 ppm iron. Reject contains 138 ppm of cobalt and 63 ppm iron.
Separation factors of product and reject are given below:

Fig-2.25 Fractionation through 100KD-6KD reject staging
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2.8.2

Reject staging of 100 KD followed by 100 KD membrane

Simulated solution of 32 ppm cobalt, 32 ppm iron and 160 ppm Polyethyleneimine is
prepared and sent to 100 KD membrane as shown in Fig 2.26. In presence of multicomponent solute 100 KD membrane cobalt rejection is 65% and iron rejection is 18%,
Reject stream having 71 ppm cobalt and 43 ppm iron is sent to 100 KD membrane. Final
product contains 15 ppm cobalt and 28.5 ppm iron. Reject contains 153 ppm of cobalt and 57
ppm iron. Separation factors of product and reject are given below:

Fig-2.26 Fractionation through 100KD-100KD reject staging
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2.8.3

Reject staging of 6 KD followed by 6 KD membrane

Simulated solution of 32 ppm cobalt, 32 ppm iron and 160 ppm Polyethyleneimine is
prepared and sent to 6 KD membrane as shown in Fig 2.27. In presence of multi-component
solute 6 KD membrane cobalt rejection is 84% and iron rejection is 43%. Reject stream
having 60 ppm cobalt and 46 ppm iron is sent to 6 KD membrane. Final product contains 7
ppm cobalt and 25 ppm iron. Reject contains 108.5 ppm of cobalt and 54 ppm iron.
Separation factors of product and reject are given below:

Fig-2.27 Fractionation through 6KD-6KD reject staging
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2.8.4

Product staging of 6 KD followed by 100 KD membrane

Simulated solution of 32 ppm cobalt, 32 ppm iron and 160 ppm Polyethyleneimine is
prepared and sent to 6 KD membrane as shown in Fig 2.28. In presence of multi-component
solute 6 KD membrane cobalt rejection is 84% and iron rejection is 43%, whereas 100 KD
membrane cobalt rejection is 65% and iron rejection is 18%. Product stream having 5.12
ppm cobalt and 18.24

ppm iron is sent to 6100 KD membrane. Final product contains

1.8ppm cobalt and 14.6 ppm iron. Reject contains 13847 ppm of cobalt and 41 ppm iron.
Separation factors of product and reject are given below:

Fig-2.28 Fractionation through 6KD-100KD product staging
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2.8.5

Product staging of 100 KD followed by 100 KD membrane

Simulated solution of 32 ppm cobalt, 32 ppm iron and 160 ppm Polyethyleneimine is
prepared and sent to 100 KD membrane as shown in Fig 2.29. In presence of multicomponent solute 100 KD membrane cobalt rejection is 65% and iron rejection is 18%.
Product stream having 11.2 ppm cobalt and 26.2 ppm iron is sent to 100 KD membrane.
Final product contains 4 ppm cobalt and 21.5 ppm iron. Reject contains 52 ppm of cobalt and
39.5 ppm iron. Separation factors of product and reject are given below:

Fig 2.29 Fractionation through 100KD-100KD product staging
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2.8.6

Product staging of 6 KD followed by 6 KD membrane

Simulated solution of 32 ppm cobalt, 32 ppm iron and 160 ppm Polyethyleneimine is
prepared and sent to 6 KD membrane as shown in Fig 2.30. In presence of multi-component
solute 6 KD membrane cobalt rejection is 84% and iron rejection is 43%. Product stream
having 5.12 ppm cobalt and 18.24 ppm iron is sent to 6 KD membrane. Final product
contains 0.82 ppm cobalt and 10.4 ppm iron. Reject contains 42.5 ppm of cobalt and 39.5
ppm iron. Separation factors of product and reject are given below:

Fig 2.30 Fractionation through 6KD-6KD product staging
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2.8.7

Experimental validation of fractionation result

In the following table a comparison of prediction of fractionation of iron and cobalt
components with different combination of 100 KD and 6 KD membranes is given. Among
these six combinations, three combinations (6KD-100 KD product staging, 100 KD-100 KD
product staging and 6KD-6 KD product staging) are experimentally validated and their error
margin in within 10%. From this table it has been observed product staging provides better
separation factor for the sake of sacrificing recovery

100KD6KD

Reject
staging

2.2:1

1:2.3

83.0

-

100KD100KD

Product
staging

1.3:1

1:5.5

41.6

1.4:1

100KD100 KD

Reject
staging

2.69:1

1:1.94

87.5

-

1.12:1

1:12.69

25.0

1:1

2:1

1:3.75

75.0

-

6KD-6KD Product
staging
Reject
6KD-6
staging
KD

5%

1:9

error

1.1:1

Separation
factor
of
(Co:Fe) in product from
experiment

33.3

Error

1:8.33

Separation
factor
of
(Co:Fe) in reject from
experiment

1.16:1

Recovery(%)

Separation
factor
of
(Co:Fe) in product from
Model

Product
staging

Configuration

6KD100KD

Combination

Separation
factor
of
(Co:Fe)in reject from
Model

Table-2.7 Fractionation of cobalt-Iron Mixture:

7%

7%

1:5

2%

12%

1:14

9.3%

-
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The mathematical model which is developed by incorporating both the pore size distribution
of membrane and molecular weight distribution of ligand has improved the predictability of
actual performance of membrane within the saturation limit of complexation. Validation
experiments have indicated that step wise modification of mathematical model has brought
down the error significantly. For 6 KD, two step modifications bring down error from 7.5%
to 1.0% at 1:100 load ratio. For 100 KD, two step modifications bring down error from 35%
to 2.3%. When load ratio increases with respect to copper (copper concentration increases in
solution) error margin depletes from 13.6% to 4.5%.
This mathematical model can predict the rejection behaviour of other trace elements (iron,
copper) which produces stable complexes with polyethyleneimine. The validation of
mathematical model with respect to experimental results is within 10 % error margin.
The mathematical model can explain the rejection behaviour of multi-component solute. In
multi-component solute model the rejection of each metal has been expressed in terms of
their complexation stability constant. Prediction of multi-component solute rejection has been
validated by experimental results. Validation is within 10% error margin.
For fractionation experiment, the prediction of fractionation of multi-component system has
been accomplished by multi-component solute model. For three cases it has been validated
with experimental results. Validation is within the range of 10% error margin.
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CHAPTER-3

DEVELOPMENT OF SIMULATION
MODEL OFHYBRID MEMBRANE
SYSTEM
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3
Judicious combination of membrane processes based on the chemistry and physics of the
solutions can lead to conversion of waste to value. Following the studies on the removal of
trace contaminants using membranes, the philosophy is extended to the concept of recovering
value from spent streams containing bulk constituents, which otherwise poses an
environmental challenge. Removal of water from a saturated solution of bulk component is
always a difficult proposition irrespective of achieving the separation goal by means of
chemical or physico-chemical processes. Chemical processes involve large amount of
chemicals, sludge handling, a large foot print area and high operation time. In the present
work, separation studies have been carried out with respect to saturated calcium sulphate
solution. Calcium sulphate, a sparingly soluble salt, is often present in neutralised effluent
streams. Recommended sulphate level in effluent discharge varies from country to country
e.g. it is 500 ppm for effluents in USA whereas it is 1500 ppm for effluents in Canada [64].
Recommended sulphate level in drinking water as per WHO is 250 ppm. The ancient
chemical technique for removal of sulphate involves the use of an inorganic source which
leads to the formation of a sparingly soluble (or insoluble) surface phase. Formation of
gypsum (Calcium Sulphate) and barite (Barium Sulphate) are the two most popular but cost
intensive sulphate removal methods. Cleophace [65] noted in his thesis that the degree of
sulphate elimination depends on the solubility of the gypsum. According to the International
Network for Acid Prevention (INAP, 2003), this process can reduce the sulphate
concentration to less than 1200 mg/L, a value which is still significantly higher than the target
discharge concentration of 500 mg/L. Sulfate removal through the precipitation of Ettringite
(aluminium–calcium sulphate complex) has been proposed by Smit [66]as the SAVMIN
process. The three stages of the process successively remove metals as hydroxides through
lime addition (pH 12), gypsum through seed crystallization and conversion of sulphates with
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aluminum hydroxide to insoluble ettringite. The complications involved in the operation of
three steps make the SAVMIN process less popular in industries. Membrane processes
appear to be quite attractive as they are predominantly physico-chemical in nature, requiring
less chemicals and foot print area compared to conventional operations. The availability of
membranes with wide range of pore-sizes, surface charges and chemical matrices, provides
the opportunity to synthesize process sequences to achieve the objectives of improving water
use efficiency, value recovery and cost reduction. Large quantities of sulphate rich effluents
are generated in uranium mining and ore processing operations particularly where acid
leaching is practiced. Awadalla and Kumar [67] reviewed the opportunities of the membrane
technologies for the treatment of the sulphate enriched mining and mineral processing
streams. Reverse osmosis (RO) is extensively practiced for the recovery of water from
effluents [68] but its application is limited by the scaling potential of the dissolved species
and the osmotic pressure of the concentrate. Anditya [69] proposed an integrated RO
desalting followed by accelerated precipitation softening (APS) for achieving high product
recovery for brackish water containing gypsum, barite and calcite salts. Efrem Curcio [70]
proposed integrated nanofiltration–membrane crystallization (NF–MC) system for the
removal of sodium sulfate from aqueous wastes originated by the production process of base
raw materials (Ni–H) for special rechargeable batteries. Slurry precipitation and recycle
reverse osmosis (SPARRO) [71-73] has been investigated for treating calcium sulphate
saturated solution through tubular membrane. Concept of SPARRO involves circulating
slurry of seed crystals within the RO system. The seed crystals serve as preferential growth
sites for calcium sulphate and other calcium salts and silicates, which begin to precipitate as
their solubility products are exceeded during the concentration process within the membrane
tubes. The preferential growth of scale on the seed crystals prevents scale formation on the
membrane surface. There are enough evidences where appropriate antiscalants[74-77] are
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used to protect membrane from scaling by reducing the scaling potential of sparingly soluble
salt. Wen-Yi Shih [74] has characterized gypsum crystallization in response to antiscalant
treatment. He explained that antiscalants adsorb onto formed crystals or associate/complex
with incipient nuclei (or crystals) and thus the scale forming phenomena is inhibited. The use
of antiscalant [78] does not allow the gainful processing of the reject stream of RO/NF.
Sheikholeslami [79] in her studies on the behaviour of sparingly soluble species has indicated
that the scaling potential in reverse osmosis (RO) and nanofiltration (NF) is controlled by a
number of factors including kinetics of nucleation, hydrodynamics of the system and the
presence of impurities. As the problem of discharges becoming acute and the need to
conserve water imminent, it is felt appropriate to revisit the membrane processes to evolve a
method to recover water for recycling and approach towards zero-liquid discharge (ZLD).
Accordingly, bench scale experiments were carried out initially with saturated solutions of
calcium sulphate and later with simulated effluents (uranium mill effluents) containing
calcium sulphate to assess the integrated membrane (nanofiltration- reverse osmosis)
behaviour under different operating parameters with a view to evolve a scheme for field trials
and subsequent implementation. As the sulphate rich acid effluents from mine are normally
discharged after neutralization with lime [80] it is considered appropriate to investigate the
utility of the lime process for the reject management and the possibility of approaching
towards zero liquid discharge (ZLD).
Further it is felt that a mathematical model would help in optimization of parameters under
field conditions where the effluent composition could encounter changes very often. Various
authors have developed mathematical model on transport of ions in nanofiltration membrane
[81-89], but very little information is available on mathematical model which deals with
saturated solution. The present model incorporates surface crystal growth kinetics to assess
the scale in terms of concentration of calcium sulphate at the membrane surface. The flux
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decline phenomenon has been explained more correctly by the model by incorporating cake
resistance. In further study, the prediction of operating pressure and operating feed flow for
minimum scale threat on membrane surface has been optimized by thermodynamic
parameter, ‘exergy’.

3.1 Theoretical Considerations
In order to achieve higher recovery, it is necessary to minimize scaling. In RO, all the
dissolved solutes are rejected better compared to NF. Consequently, the boundary layer
solution of RO would exhibit higher degree of super saturation which would favour scaling
and restrict the percent recovery of water. The osmotic pressure of the boundary layer also
would be higher requiring higher operating pressure. In NF where the monovalent passage is
significant, the boundary layer would contain less solute leading to lower ionic strength and
less osmotic pressure under comparable recovery conditions. The existence of residual charge
on NF membranes delay the onset of scaling on NF membrane surface compared to RO.
The objective of this study demands prevention or at least minimisation of scaling due to
calcium sulphate on the membrane surface enabling higher recovery than permitted by the
solubility product considerations. Even though three types of scales are possible viz
CaSO4.2H2O (gypsum), CaSO4.1/2H2O (hemi-hydrate) and CaSO4 (anhydrate) in solutions
containing calcium and sulphate species, gypsum (CaSO4.2H2O) is predominant at ambient
temperatures [78].As NF process is carried out at ambient temperatures all the discussions
pertain only to gypsum scaling. The scaling depends on the ionic product of calcium sulphate
in the given chemical environment [90], kinetics of nucleation & hydrodynamics of the
process [79]. It is well known that RO membranes preferentially allow water to permeate
through, while NF membranes allow monovalents to permeate to some extent, depending on
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the membrane. Due to preferential permeation of water, the concentration of the dissolved
species in the boundary layer increases leading to the formation of scales (due to
precipitation). Antiscalants are extensively used in desalination processes but reports indicate
that they may favour fouling of membranes at higher recoveries and is not suggested for
gypsum whenever the saturation index is likely to exceed 2.38 [79]. Antiscalants also
complicate the reject management issues. So, in this work, usage of antiscalant is avoided.
Various studies [91-99] on scaling mechanism of calcium sulphate di-hydrate indicate the
formation of mineral scales through three steps: initially the sparingly soluble species
becomes supersaturated leading to the formation of crystal nuclei and thence to crystal
leading to scale formation[93].Antiscalant affect the growth rate and changes the form or
shape of crystals. Crystals are weakened by internal stresses causing them to fracture. It was
also indicated that hydrodynamics also influence the formation of crystal nuclei. Growth of
crystal nuclei cannot take place further. Uchymiak et.al [91] have studied the kinetics of
calcium sulphate dihydrate scaling in detail with reference to RO membranes. Sangho Lee
and Chung-Hak Lee [94], and Che-Jen-Lin et al [95, 96] have extensively studied the scaling
aspects of calcium sulphate species with reference to NF membranes. The flux decline in NF
was considered to follow four stages viz - concentration polarisation, solute nucleation, cake
formation and steady state. The rate of deposition at each stage was found to depend on the
operating parameters including applied pressure and cross flow velocity. Several researchers
[97-99] have opined that nucleation is an important step for crystallisation & hence cake
formation. It was also reported that the flux reduction is significant only after the cake
formation and the induction period of nucleation stage for calcium sulphate depended on
cross flow velocity. Based on these studies, crystal growth appears to be the critical step and
its rate is depicted mathematically [94].
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dM
 KS (Cw  Cs )
dt

Where, K is the rate constant of crystallisation, S is surface area of active sites, Cw is wall
concentration near membrane surface (for surface crystallisation) and bulk phase
concentration (for bulk crystallisation), Cs is the saturation concentration of calcium sulphate
at that temperature.
In view of these observations, it is felt that the scaling could be minimised/ prevented on the
membrane surface if we maintain appropriate hydrodynamic conditions (which ensures less
residence time on the separation zone, optimal super-saturation) & ensuring a feed nearly free
from foulants to achieve higher recovery.
Treatment of the calcium sulphate saturated effluents through NF is only the first step in the
overall scheme and would produce a stream containing less calcium & sulphate species and
significant amount of chlorides as permeate. Permeate from NF needs to be processed
through RO to recover reusable water. The reject stream of NF would contain supersaturated
levels of calcium and sulphate and requires to be reduced to unsaturated levels so that the
stream can be recycled after bleeding a portion to maintain the dissolved solute levels of the
feed for NF. The potentiality of lime column in order to convert supersaturated (calcium
sulphate) reject stream of NF to an unsaturated stream has also been investigated in present
study.

3.2 Objective
Based on the literature studies and the theoretical considerations, the present work has been
undertaken with the specific objective of developing a mathematical model

for the
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processing of unsaturated solutions (containing calcium and sulphate species) and later to
demonstrate the concept on the ‘Approach to Zero Liquid Discharge’. Thus the specific
objectives on the application of hybrid membrane processes for the management of
unsaturated effluent streams containing the calcium and sulphate species are
a. Experimental studies to understand the scaling philosophy of calcium sulphate
solutions and to identify the safe supersaturation levels in tune with hydrodynamics
of the feed solution and physical chemistry of the feed particularly with reference to
precipitation mechanism of calcium sulphate.
b. Development of a mathematical model through a series of numerical equations to
identify the optimal balance of feed and hydrodynamics for maximum recovery in
NF process and to maintain the sustainability of the performance of the membrane
besides predicting the membrane behaviour with increasing recovery of water.
c. Studies on the Integration of NF and RO processes along with lime treatment to
identify a scheme for recovering maximum water for reuse and demonstrate an
approach to Zero Liquid Discharge as a logical culmination of the present study.
3.3 Experimental and Theoretical work carried out
The studies conducted to achieve the above objectives include


Experimental studies to observe the critical point of scale formation and other
performance characteristics in nanofiltration.



Development of mathematical model for nanofiltration membrane to evaluate the
operating flow and operating pressure at optimized scale safe recovery.



Resolution of total resistances to permeate flow (intrinsic membrane resistance,
osmotic and scale resistances) and their assessment experimentally in nanofiltration
membrane.
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Validation of the mathematical model before and after incorporation of resistance
term by experimental flux decline data of nanofiltration.



Optimisation of operating flow and operating pressure of nanofiltration by exergy
analysis



Reject management study of nanofiltration membrane



Incorporation of an existing mathematical model for reverse osmosis for optimizing
the operating pressure for obtaining required product quality and quantity.



3.3.1

Identification of the overall scheme for the approach to Zero Liquid Discharge

Experimental studies to observe the critical point of scale formation and other
performance characteristics in nanofiltration

3.3.1.1 Materials & Methods:
Membranes: Film Tech make nano-filtration membrane element NF-90-4040 was used for
NF experiments. At standard conditions (i.e.2000 ppm MgSO4 at 5 bar pressure) the
membranes exhibited 98% percent solute rejection. For sodium chloride the percent solute
rejection was found to be 80%, at corresponding conditions (2000ppm NaCl, 5 bar). The
membrane area is about 7.6 m2. Indigenously developed back-washable spiral polysulphone
based 60KD MWCO UF membrane element [100] was used for the filtration of feed solution
before using as feed for NF experiments. After each experiment membrane was flushed with
RO treated service water (< 5ppm) until the conductance of the discharge stream from NF
element indicated constant low conductivity. Depending on the feed flow rates and operating
pressure, the water required for flushing varied from 50 to 100 litres. Whenever the original
pre-experiment pure water permeability (PWP) was not obtained, the membrane was cleaned
with dilute hydrochloric acid at around pH 4 to 5. The experiments were conducted initially
with higher flow rates towards and later at lower flow rates. For each flow rate, the data was
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collected at three different pressures starting from lower pressure. This sequence was adopted
to minimise permanent scaling, if at all formed, that could affect the membrane performance.
Preparation of test solutions: Pure calcium sulphate solution was prepared by dissolving
excess quantity of calcium sulphate under vigorous stirring, allowed to settle overnight and
filtered through UF. The resultant solution is free from turbidity and used in the experiments.
For CaSO4- NaCl system, the solution has been prepared by dissolving calcium chloride and
sodium sulphate in 500 litres water corresponding to a feed composition of 705 ppm calcium,
2000ppm of sulphate, 958 ppm of sodium and 1242 ppm of chloride. The solution was left
overnight to allow for any precipitation. Before using in the experiment, the solution was
filtered through ultra-filtration element and was collected into the feed tank.

Calcium, chloride and sulphate concentrations were measured by standard analytical methods
[101,102]. TDS is determined by evaporation. Sodium is estimated by difference.
Conductivity measurements were also made as soon as the samples were taken for initial
estimation of the trend.
3.3.1.2 Experimental Studies
Description of Integrated membrane process for treatment of saturated solution:
The schematic diagram of the experimental set up is shown in Fig.3.1.The synthetically
prepared feed was filtered through UF and stored in the feed tank. The feed was then pumped
through the NF module through the high pressure pump. Provisions were made for bypassing
part of the feed for studying different flow-rates, recycling the concentrate and collection of
permeate independently. Higher recoveries were targetted in the NF module by recirculating
the reject stream back to the feed tank. The tanks were calibrated in terms of volume. Rotary
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Vane pump (Procon make) rated at 15 lpm flow 15 bar pressure was used. By suitably
manipulating the valves (by pass valve / concentrate recycle) the requisite pressure and flow
were maintained. NF product was collected separately in NF product tank. Product flow of
NF membrane was continiously monitored.
Experiments were conducted for lime treatment of the reject stream of NF for the effective
removal of calcium & sulphate species from the supersaturation levels to below saturation
limits [103].The supersaturated concentrate of the NF element is recycled back to the feed
tank after passing through lime column(where the concentration of calcium and sulphate
species would be brought down to less than the saturation levels).NF product water is sent to
BWRO module by another rotary vane pump rated at 15 lpm flow and 15 bar pressure. All
the experiments were conducted with 500 L feed solution and on a batch-recycle mode. The
tanks (both permeate and feed tank) were calibrated and readings of volume can be easily
noted at 10 litres interval. Considering the hold up in the membrane element and the
associated piping (about 5 litres), the permeate volumes are considered for estimating
recoveries. In each experiment, data were collected (permeate rate, product quality) for
different recovery points. The product samples were drawn ensuring that its representative
nature of the permeate tank solution .The fluctuations in flow measurements were about
±0.25 lpm and that of pressure was about ±0.1bar.
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Fig-3.1 Flow sheet of integrated membrane system

3.3.1.3 Results & Discussions
The study presented is based on bench scale experiments. The flow characteristics have been
represented directly in terms of litres per minute (lpm).We have refrained from designating
the flow in terms of Reynolds Number due to the fact that our estimates of the same could not
take into account the effect of feed spacers which induces turbulence. However, we have
calculated the Reynolds Numbers using the cross sectional area available for flow and thence
calculated hydraulic diameter. The estimated values range from 132 for a feed flow of 4.5
lpm to 381 at 13 lpm comparable to the values reported in literature [104]
3.3.1.4 Selection criteria of operating pressure and feed flow rates
The objective of the experiment is to minimise surface crystallisation of gypsum
(CaSO4.2H2O). At higher operating pressures, the specific recovery (permeate rate /feed rate)
would be higher making the environment conducive for surface crystallisation. Considering
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that the osmotic pressure of the feed is less than 3 bar, the experimental investigations were
carried out from 5 bar onwards, taking into account the estimated concentration at 90%
recovery. As per the design guidelines for RO & NF achieving about 90% recovery in single
pass, the

membrane system would require more elements in series with staggered

configuration [105] to maintain minimum required flow rates (as specified by the membrane
element manufacturers) and possible only for very large capacities. As our study deals with
nearly saturated to supersaturated solutions, the tolerance to the change of feed flow rates
would be less. Based on these considerations, it is felt appropriate to opt for a batch system
with recirculation to achieve high recovery without compromising on the envisaged basic
hydrodynamic parameters albeit at higher energy cost. Accordingly, all the experiments have
been carried out at the batch recycle mode at different feed flow rates ranging from 4.5 lpm to
13 lpm with an objective to arrive at a sustainable flow rate and pressure which would
minimise surface crystallisation providing the maximum recovery at minimum possible
energy cost.
3.3.1.5 Parametric studies for the optimisation of operating pressure & feed flow rate
The experiments are conducted in the range of 5 to 10 bars in four steps and for four flow
rates ranging from 4.5 lpm to about 13 lpm. Even though the selection of 4.5 lpm feed flow
rate is not apparently justified, the experiments were conducted as the last batch to assess the
scaling phenomenon under hostile conditions which is likely when one envisages a series of
modules for obtaining higher recovery in one pass.
The permeate rate is function of net driving force as seen from equation below. [106]
Np= A ( P - πb+ πp )
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Where Np is the permeate flux (m3/sec.m2), A is the membrane constant (m3 /sec.m2 bar), P
the operating pressure, πb &πp are boundary layer & permeate osmotic pressure. Since the
membrane element used is the same, the membrane area (7.6 m2) is constant in all NF
experimental runs. Hence, for the purpose of data analysis permeate rate (PR) is considered in
terms of litres per minute (lpm) and the membrane constant (A) in terms of (lpm/bar.m2
x7.6). Boundary layer concentration can be expressed as
C
N p  k ln  b
C
 f






Where, k is the mass transfer coefficient in the boundary layer, C b and C f , the concentrations
at the membrane surface and in the feed solution respectively. The membrane surface
concentration is then given by:

 Np
Cb  C f exp 
 k

where the ratio




Np
k

is a function of the pressure difference and the cross flow velocity.

Specifically high flux (at high pressure) will lead to higher membrane concentrations(and
hence more rapid crystallisation) while high cross flow velocity leads to high mass transfer
coefficients, which leads to lower membrane concentrations.
A typical observation of permeate flow as a function of recovery at different pressures for the
NF membrane element with saturated calcium sulphate solution as feed at a flow rate of 9lpm
is presented in Fig.3.2.
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Fig.3.2. Effect of operating pressure on recovery at 9.0 lpm feed flow rate

The permeate flow rate decreases with recovery but there are two discernible patterns. In the
initial phase, the rate of decrease in the permeate rate is steady. The slopes of all the curves
corresponding to different operating pressures are constant up to a particular recovery leading
to the inference that permeate flow rate is only a function of osmotic pressure in this region.
Since the osmotic pressure of the bulk solution is constant for a given recovery at given feed
flow rate, the permeate flow rate is only a function of the operating pressure minus osmotic
pressure. The significant fall in permeate rate observed at higher recoveriesin the second
phase, can be attributed to the additional resistance due to scaling. The onset of scaling can be
identified from the point of inflexion. The point of inflexion appears to be a function of the
operating pressure.
Fig.3.3 presents a similar observation for the least feed flow rate of 4.5 lpm where the points
of inflexions can be seen distinctly suggesting that lower the operating pressures, higher is
the recovery at which the inflexion occurs. It has also been observed that the permeate
flowrates are higher at lower pressures beyond certain recoveries indicating the
predominance of scaling resistance over the loss in permeate rate due to osmotic pressure.
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Fig.3.3 Effect of operating pressure on recovery at 4.5 lpm feed flow rate

The point of inflexion advances towards lower recovery with increasing pressure indicates
scaling effect. As the pressure increases the specific flux of the membrane increases.
Consequently the boundary layerconcentration would be higher leading to higher degree of
supersaturation and hence scaling.
Fig.3.4 clearly indicates that there is a distinct change in the slope corresponding to a
recovery of about 0.7. It is evident for all the flow-rates other than at 4.5lpm flow rate (where
the transition is not distinct due to inherently very low values of flow rate). The sharp change
in slope leads to the inference that the precipitation occurs at this point and onwards.
Considering that it occurs at 0.7 recovery for all the flow rates, the concentration of calcium
suphate in the feed at this point is also the same corresponding to the super-saturation level
where calcium sulphate gets precipitated as a scale. The observation leads to the conclusion
that scaling point is only a function of concentration (or the level of supersaturation) and is
independent of flow rate.
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Fig.3.4. Effect of feed flow rate on permeate flow at 9 bar pressure

Based on the study of permeate flow rates as a function of operating pressure and feed
flowrate it can be concluded that scaling is a function of both feed flow rate and operating
pressure.
Rearranging previous equation, we obtain
πb= P- Np/A + πp
Recalling π is iCRT where i is the number of species, C is the molar concentration, R gas
constant and T temperature, πb and thence the concentration at the boundary can be estimated.
The degree of supersaturation i.e. the ratio of concentration of the solution to the saturation
concentration can be calculated based on the boundary layer concentration, from
previousequation knowing measured values of product rate, product concentration
andmembrane constant. With the length of the membrane being one metre and the velocities
vary from 0.069 to 0.277 m/s, the residence time vary from 14.5 to 3.6 seconds.The estimates
of the boundary layer concentration at the point of inflexion using the above methodology,
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indicates a molar concentration of about 0.07 moles /litre of calcium sulphate in flowrates
ranging from 4.5 lpm and above corresponding to a degree of supersaturation around 12.5
(except 5 bar pressure 4.5 lpm) confirming the formation of scale [107].
3.3.1.6 Analysis of decline in permeate rate in terms of scaling
The Normalised Flux (Nflux), a dimensionless number representing the drop in permeate rate
due to different factors under various experimental conditions was plotted as a function of
operating pressure. Nfluxpr describes the loss in permeation rate due to all possible factors
such as osmotic pressure, scaling, feed flow rate, pressure drop etc. It is the ratio of actual
permeate rate at specified conditions to the initial fresh membrane performance at the same
pressure. Nfluxuf describes loss in permeate rate due to physical factors such as scaling,
fouling etc. and includes both soft & hard scales and is calculated as a ratio of PWP before
flushing (with least disturbance to the membrane environment to the extent possible) to the
initial PWP. Nfluxf describes the loss in flux due to hard scales which can not be removed by
simple flushing and is calculated as the ratio of PWP after flushing to the initial PWP. Nfluxf
is an indicator of hard scale .It is the condition which one would like to avoid in operating a
membrane based system. Figs.3.5ato 3.5d descibe respectively the behaviour of Nfluxs as a
function of operating pressures at flow rates of 4.5lpm,7 lpm,9 lpm and 13 lpm. All the
permeate rates (PR), PWPf and PWPuf correspond to the recovery of 0.7, the terminal point
of our experimental run in all the cases. Perusal of the plots of Nflux versus pressure for
different flowrates allows us to observe that original flux (Nfluxf) is restored for the cases
5bar,7bar and 9 bar operating pressures for 13 lpm feedflow rate and for the cases of 5bar
and7 bar operating pressures for 9 lpm feed flow rates. In the case of 7 lpm feed flow rate, the
permeate rate could be nearly restored at 5 bar operating pressure but not restorable for 4.5
lpm under all experimental conditions.
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The difference between Nfluxuf and Nfluxf describes the loss in permeate rate due to
scaling. The difference is higher at higher pressures and lower flow rates.
The slope of the Nfluxpr lines decreases with increasing flow rates.
The difference between Nfluxpr and Nfluxuf is nearly constant for all the operating
pressures.

Fig.3.5 Normalised Flux as a function of operating pressure at 0.7 recovery for different
feed flowrates a) 4.5 lpm b) 7.0 lpm c) 9.0 lpm d.)13.0 lpm [corresponding to apparent
Reynold’s Number 132, 205, 264 ,381 respectively]
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The above observations lead us to infer that scale formation does occur at all operating
pressures and flow rates studied but manageable at higher flowrates and moderate pressures.
3.3.1.7 Permeate Quality :
The permeate quality in terms of sulphate has been shown Fig.3.6 as a function of
different flowrates at constant pressure and different pressures at constant flowrate.

Fig-3.6 Permeate quality with recovery at (a) constant pressure (9bar) and (b) constant
flow rate (9lpm)

As expected the quality shows improvement with flowrate and operating pressure.The
observations indicate that product quality is best at 13 lpm flow rate and 9 bar pressure, the
quality is acceptable at around 50 ppm for 9 lpm feed flowrate and 9 bar pressure at 0.9
recovery.
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The solute rejection increases with increasing flow rate resulting in less concentration of
calcium & sulphate species in the permeate due to more efficient back diffusion of the solute
species from the boundary layer. Deposition of calcium sulphates at lower flow rates further
reduces the reject concentration. Mass balance based on volume and concentration of feed,
permeate and reject streams indicate more deposition at lower flow rates . Based on the
conductivity of flushed water we could get a nearly total mass balance within an error of less
than 5%. However reject stream on standing reveal more deposition in case of higher flow
rate.
3.3.1.8 Experimental study with simulated solution
In order to extend the results to realtime applications simulated effluents containing a mixture
of sodium sulphate and calcium chloride has been prepared and sent to nanofiltration
membrane. The trace chemical species have not been added for the present studies as field
experiments have been planned. Moreover, with prior ultrafiltration treatment no trace
species which can foul the membranes is expected to be present such as manganese and iron.
Heavy elements, if at all present would report only in the concentrate which can be either
recycled or disposed off suitably in conformity with environmental regualtions. As our focus
specifically is to assess the recovery of water from saturated calcium sulphate streams, it is
felt appropriate to restrict the study to mixed systems containing the major solute species.
The experimental observations based on the simulated effluents with respect to recovery is
presented in Fig.3.7.
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Fig.3.7 Permeateflow as a function of recovery at 9 bar pressure at different flowrates.

Fig-3.7 shows that the nature of product flow decline with increasing recovery is same for
pure calcium sulphate as well as mixed solution. As the osmotic pressure of mixed solution is
higher than pure calcium sulphate solution, the product flow is lower for mixed solution than
pure calcium sulphate.
3.3.2

Development of mathematical model

3.3.2.1 Development of model algorithm
A schematic flow sheet of developmental approach of mathematical model of integrated NFRO (Nanofiltration followed by Reverse Osmosis) is presented in Fig 3.8 for treatment of
saturated calcium sulphate solution. For nanofiltration system recovery is achieved by
recirculating reject on NF feed tank. Product was collected separately (batch process,
explained in Fig 3.1). Fig 3.8 explains for a given range of operating feed flow and feed
pressure physical model of NF membrane system can predict optimized feed flow and feed
pressure at minimum surface scale threat with maximum recovery, provided feed
characteristic data, membrane characteristic data and product quality requirement are known.
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The product of NF membrane is sent to RO membrane system to achieve required product
quality at an optimized pressure.

Fig-3.8 Schematic flow sheet of development of mathematical model

Fig-3.9 explains schematically the physical model of nanofiltration batch process. For a given
feed flow and feed pressure, the extent of scaling on membrane surface is evaluated by
surface crystal growth rate model. In this model, wall concentration on membrane surface has
been evaluated as a function of bulk concentration. Bulk concentration is expressed as a
function of time and it has been evaluated by Euler’s forward formulae by solving mass
balance and component balance equations for batch process. It has been ascertained that
when wall concentration or boundary concentration achieves 0.07 moles/L CaSO4
concentration (which is a concentration evaluated experimentally at a point of inflexion) the
recovery which has been achieved at this particular time will be the optimized recovery for
this feed flow and feed pressure. Time required to achieve this particular recovery is called
induction time. The development of mathematical model for reject management through lime
column is out of the scope of present work.
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Fig-3.9 Physical model of Nanofiltration system

3.3.2.2 Development of model equations:
Surface Crystal Growth model [95-99 ]
The surface crystal growth rate of Calcium sulphate is described by the following equation:

dms
 K S Cw  Cs 
dt

3.1
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Here m S is the weight of scale formed directly on membrane surface. K S is the rate constant
of surface crystallization, CW is the wall concentration near the membrane surface, C S is the
saturation concentration.
Weight of scale formed on membrane surface ( m S ) can be evaluated as

mS 

At 
J 
1  b 
  JW 

3.2

Here At is total membrane area,  is area occupied per unit mass, J b is product flux, J W
is pure water permeability.
Estimation of wall concentration:
As the solute flux is negligible in NF, the ratio of membrane wall concentration to the bulk
concentration can be estimated as follows: [96]

Cw
J 
 exp  b 
Cb
 k 

3.3

Here Cb is bulk concentration and k is mass transfer coefficient.
Empirical correlation of mass transfer coefficient is defined as:
 uD 2 

k  1.86
 dh L 

0.33

3.4

u is flow velocity, D is diffusion coefficient of salt, d h is hydraulic diameter L is channel
length .
Pure water permeability can be defined,
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J w  AwP

3.5

J w is pure water permeability, Aw is solvent permeability constant, P is operating pressure
By combining equation 1,2,3,4 and express the parameters as a function of time, the equation
becomes:
d  Cw t  

ln 
dt  Cb t  

 K s Aw P
 uD 2 

At .1.86
 dh L 

0.33

Cw t   Cs 

3.6

This is the final operating equation of surface crystal growth model. From this equation it can
be established that surface crystal growth model cannot predict the situation (flux decline)
beyond scaling condition.
From this equation it is evident that
As C w t  > Cb t 

Cw t  < C S

in left hand side

in right hand side

Which ultimately concludes

Cb t  < Cw t  < C S
Above condition does not lead to scale. In this work, validation of experimental flux decline
with mathematical model has been restricted upto the point beyond which scaling takes place.
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Surface crystal growth rate model does not acknowledge the fact that flow through the
membrane experiences some resistance. Section 3.3 has been devoted for discussion
pertaining to different resistances.
3.3.2.3 Flow balance equation for batch Nanofiltration process
In this integrated membrane processes, nanofiltration operates in batch mode. Nanofiltration
product is collected in separate tank. Nanofiltration reject is recycled back to NF feed tank
[108-109].
Rate of change of product flow

d VP t 
 J b t . A
dt

3.7

Change in volume in feed tank

dV t  dVp t 
 b 
dt
dt

3.8

Component balance



d Vb t .Ci , f t 
dt



d Vp t .Ci , p t 
dt

.  J i ,b t . A.C p ,i t 

3.9

Salt rejection

SRi t   1

Vb t 

Ci , p t 
Ci ,b t 

dCi ,b t 
dt

3.10

  J i ,b t . A.(1  SRi t ).Ci ,b t 

3.11
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Equation 11 can be solved by Forward Euler’s method at time t=0 is taken characterization
data of membrane
Recollecting equation 6 for component i

 J t  
Ci , w t   Ci ,b t . exp  i ,b o 
 ki 
C t 
J i ,b t   ki ln i , w
Ci ,b t 
Ci , p t  

3.12
3.13

Bi , s.Ci , w t .Cwater

3.14

J i ,b t   Bi , s .Cwater

SRi t   1

Ci , p t 

3.15

Ci , w t 

Vi , p t   J i ,b t . A.

3.16

Vi ,b t   Vb (t )o  Vp t o

3.17

Ri t  

Vi , p t .t.100
Vi ,b

3.18

 Ri (t ) o

Calculation Tool:
Forward Euler’s method [110]
Let's denote the time at the nth time-step by tn and the computed solution at the nth time-step
by yn, i.e., yn  y(t  t n ) . The step size h (assumed to be constant for the sake of simplicity) is
then given by h = tn - tn-1. Given (tn, yn), the forward Euler method (FE) computes yn+1 as

yn1  yn  hf  yn , t n 
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3.3.3

Modification of flux term incorporating cake resistance

Jw 

P  
.Rm

3.19

Jc 

P  
 Rm  Rc 

3.20

Rm and Rc are intrinsic membrane resistance and scale resistance respectively:
In the following section, resolution of membrane resistance from experimental flux decline
data and then the conversion of information into model equations have been discussed in
detail.
3.3.3.1 Evaluation of individual resistance term from flux decline data:
Experimental flux decline data reveals the fact that membrane has been experienced different
extent of resistance to flow at different operating conditions.When a membrane is dealing
with a saturated solution; membrane can experience three series of resistance to flow.
Membrane intrinsic resistance is defined as the resistance due to the membrane morphology ,
poresize distribution . It depends on the operating pressure. Osmotic pressure resistance is
defined as the resistance experienced by the membrane owing to the nature (concentration) of
the solution handled. Osmotic pressure resistance is not a membrane property but it is
solution property. Scaling resistance is experienced by the membrane when the scale is
formed physically on the membrane top surface.Table-3.1 gives the detail resistance
calculation on the membrane surface based on equation 19 and 20.
In previous section , the normalised flux (Nflux), a dimensionless number representing the
drop in permeate rate due to different factors under various experimental conditions has been
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discussed. These three dimensionless number (shown in Fig 3.5) Nfluxpr, Nfluxf, Nfluxuf
actually represents the flux at 70% recovery, pure water permeability before flushing after 70
% recovery and pure water permeability after flushing respectively.
Table 3.1, the resistances have been evaluated corresponding to their fluxes. PWP denotes
pure water permeability for clean membrane, PR denotes product flow rate at 70% recovery,
PWPf denotes pure water permeability before flushing, PWPuf denotes pure water
permeability after flushing.
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Viscosity (Pa.S)

Resistance of PWP(m-1)

Resisosm+scaling(m-1)

Resis scale(m-1)

Resis hard scale(m-1)

Res due osm(m-1)

7.8

6.5

7.2

7.72

0.001

500000

308808

191191

1.03E+13

1.2E+13

1.11E+13

1.04E+13

1.2E+12

7

13128

8.5

6.1

6.96

8.35

0.001

700000

373024

326975

1.6E+13

2.2E+13

1.97E+13

1.64E+13

2.03E+12

9

12763

8.8

5.9

6.5

8.36

0.001

900000

362652

537347

2.5E+13

3.8E+13

3.46E+13

2.7E+13

3.34E+12

5

12595

6

4

4.6

5.7

0.001

500000

357873

142126

9.9E+12

1.5E+13

1.28E+13

1.05E+13

2.1E+12

7

10803

6.7

3.98

4.7

6.3

0.001

700000

306955

393044

2.5E+13

4.14E+13

3.52E+13

2.62E+13

6.16E+12

9

11921

6.9

3.6

4.2

6.5

0.001

900000

338722

561277

3.42E+13

6.56E+13

5.64E+13

3.63E+13

9.22E+12

5

13688

3.8

2.3

2.8

3.5

0.001

500000

388935

111064

1.23E+13

2.03E+13

1.66E+13

1.33E+13

3.8E+12

7

12748

4

1.9

2.67

3.6

0.001

700000

362226

337773

3.5E+13

7.45E+13

5.32E+13

3.9E+13

2.1E+13

9

10248

4.2

1.5

2.3

3.57

0.001

900000

291191

608808

6.1E+13

1.70E+14

1.1E+14

7.16E+13

6.1E+13

∆P-∆II (Pa)

PWPuf(lpm)

10868

∆II (Pa)

PWPf(lpm)

5

∆P (Pa)

PR(lpm)

4.5

PWP (lpm)

7

Reject TDS(ppm)

9.5

Pressure (bar)

Flux decline

Table-3.1 Evaluation of individual resistance term from flux decline data
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3.3.3.2 Analysis of Resistances for Flow through Membranes:
Basically the water flow through the membrane has to overcome three resiatnce at the
maximum namely membrane intrinsic resistance, osmotic resistance and the scaling / fouling
resistance. The first is the characteristic of any membrane and is always present. Osmotic
pressure resistance depends on the solution concentration in terms of total dissolved solids
used as a feed and the last one depends on the nature of species present.
Membrane intrinsic resistance:
The membrane intrinsic resistance (clean membrane resistance) is measured by pure water
permeability data by passing distilled water through membrane. Intrinsic membrane
resistance reveals the internal characteristics of membrane like pore size distribution, surface
tension, hydrophilicity etc. Fig-3.10 shows that the resistance is directly proportional to
operating pressure. With increasing pressure, compaction effect of pore sizes leads to higher
resistance. For higher feed flow lower friction instigates lower membrane resistance. In lower
feed flow, the product flux will be also small which increases the overall resisstance of
membrane.

Fig-3.10 Change of membrane intrinsic resistance with pressure
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Osmotic pressure resistance:
The osmotic pressure resistance is the solution property. When the solvent (water) permeates
through the membrane, it has to overcome the osmotic pressure, what we term here as
osmotic resistance. The resistance would be dictated by the concentration of solution in
contact with the membrane surface which we call as ‘boundary layer’. At lower feed flow
rates and higher pressures the boundary layer concentration and hence the resistance would
be higher. In Fig-3.11 the resistance experienced by the membrane at lowest flow rate (4.5
lpm) and highest pressure (9 bar) is maximum due to low back diffusion rate of the solute
from concentrate stream to bulk stream. At higher feed flow (7 lpm, 9 lpm) membrane
intrinsic resistance is higher compared to osmotic pressure resistance.
This phenomenon can be explained by the introduction of osmotic pressure factor (∆π) into
equation 3.20 .Introduction of osmotic pressure factor decreases the driving force which is
responsible for compaction in pores. Consequently,osmotic pressure resistance is lower
compare to membrane intrinsic resistance.

Fig-3.11 change of osmotic resistance with pressure
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Scale resistance
Fig-3.12 shows the behavior of scale resistance experienced by the membrane at different
operating conditions. Scale resistance is minimum for higher flow rate and lower pressure.
The turbulance which has been created by high feed velocity on membrane surface hinders
the promotion of the growth of nucleation crystal , consequently scaling is inhibited. At low
feed velocity and high pressure rate of back diffusion gets slower making top surface of the
more prone to scaling.

Fig 3.12 Change of scale resistance with pressure
3.3.3.3 Incorporation of resistances in mathematical model:
Resistances evaluated by experimental results are incorporated in mathematical model for
getting better prediction in flux decline data.
Resistance (Y) can be denoted as dependent variable and Feed flow rate (X1), operating
pressure (X2), reject concentration (X3) and product flux (X4) are independent variables,
then Y can be expressed as
Y=B1X1+B2X2+B3X3+B4X4
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Where, B1,B2, B3 and B4 are the corresponding parameters.
These parameters are evaluated by multiple linear regression least square method. Parameters
are given in the Table3.2:
Table:3.2 Dependance of resistances on parameters

ScaleResistance (1013)

(Osmotic +scale ) Resistance
(1013)

B1 (feed flow)

-1.94

-3.59

B2 (operating pressure)

1.69

1.18

-0.0001

-0.0005

-1.50

-5.46

Parameters

B3(Reject concentration)
B4(product flux)

The above four parameters depict the alliances between resistances and process / system
parameters. Among these process parameters feed flow and feed pressure are input system
parameters and reject concentration and product flux are output system parameters. These
input system parameters are originator of resistance and output system parameters are offsuit
of resistance. When feed flow increases, resistance decreases. This relation has been
interpreted by negative sign. When operating pressure increases, resistance also increases.
This assosiation can be illustrated by positive sign. If resistance increases reject concentration
decreases and product flux also decreases, because scaling on the membrane surface takes
place. This relation also can be explained by negative sign.
3.3.4

Validation of nanofiltration model

Validation of experimental flux decline behavior of nanofiltration model has been shown in
Fig 3.13 and Fig 3.14. In Fig 3.13 experimental flux decline has been plotted against model
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prediction of surface crystal growth rate model. As surface crystal growth model does not
consider resistances error margin of experimental result and model prediction is very high at
higher recovery.

Fig-3.13 Validation of experimental flux decline of nanofiltration by surface crystal
growth model

Fig-3.14 shows that experimental flux decline of nanofiltration membrane can be well
predicted by incorporation of different resistance terms in mathematical model. In higher
recovery region error margin has been brought down from 30% ( shows in Fig-3.13) to 5%.
In higher recovery region , osmotic resistance and scale resistance both play prominent role
to decline the flux.
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Fig-3.14 Validation of experimental flux decline of nanofiltration by resistance
incorporated surface crystal growth model

3.3.5

Optimised feed flow and feed pressure

From the physical model of nanofiltration optimum feed flow and optimum feed pressure at
minimum scaling threat has been evaluated at 9 lpm feed flow and 9 bar pressure. Scaling
threat increases if feed flow on membrane surface reduces and feed pressure increases.
Increasing feed pressure promotes membrane to produce more pure water,decreasing feed
flow reduces the turbulance creation on membrane surface.Consequently a layer of
concentration polarisation and cake resistance is formed and flux decline commences. The
dependence of scaling threat on hydrodynamics (i.e. feed flow and feed pressure) has been
shown schematically in Fig-3.15. From Fig 3.15, it is ascertained that with increasing feed
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flow

and

decreasing

feed

pressure

scaling

phenomenon

could

be

averted.

Fig-3.15 Dependence of scaling threat on hydrodynamics

From Fig 3.16it is clearthat at 10 bar pressure, flux decline commences at lower recovery
(40%) compare to (60%) at 9 bar pressure.When feed flow increases from 9 lpm to 13 lpm
product flow also increases (6.2 lpm to 7.2 lpm). But to increase 1 lpm product flow specific
energy requirement increases 24%.
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Fig-3.16Variation of product flow at different feed flow and different feed pressure

Fig 3.16 shows product quality at different flow rate at 9 bar pressure. From this figure it is
ascertained that at feed flow 9 lpm and feed pressure 9 bar, sulphate product concentration is
below 70 ppm at 70 % recovery. Safe environmental limit of surface discharge is 200 ppm.
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Fig 3.17Variation of product quality with feed flow rate at 9 bar pressure

From these two figures (Fig 3.16 and Fig 3.17) it has been confirmed that with increasing
feed flow and decreasing feed pressure, occurrence of scaling can be avoided.With increasing
feed flow, turbulence on membrane top surface increases and nucleation cannot take place.
Though with increasing feed flow, product flow increases and product quality improves;
increasing specific energy takes toll on the operating cost. With decreasing feed pressure,
product quality deteriorates. So, product quality can not be sacrificed indefinitely in the name
of minimal scaling threat . So, a optimisation study should be conducted to verify the
optimised feed flow and feed pressure (9 lpm, 9 bar) obtained from resistance incorporated
surface crystal growth model. In this work, a thermodynamic parameter ‘exergy’ has been
attempted for carrying out the optimisation study.
3.3.6

Optimization

of

operating

parameters

nanofiltration

membrane

by

thermodynamic efficiency analysis (exergy)
Objective of this analysis is to evaluate thermodynamic efficiency through exergy analysis of
twenty sets of experimental condition (operating feed flow range; 4.5 lpm, 7 lpm, 9 lpm,
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11lpm, 13 lpm; operating feed pressure range; 5 bar, 7 bar, 9 bar and 10 bar). For every sets
of experimental condition, exergy has been calculated at that particular recovery beyond that
scaling is going to take place (flux decline more than 20 %). From the experimental data, we
come to know that lower feed flow and higher feed pressure make the top surface of
membrane more conducive for scaling.
What is exergy?
Exergy is defined as the potential-work measure of the departure from equilibrium, which
may be said to drive all physical processes. It is the availability to perform useful work from
a given energy source, Exergy is that part of energy that is convertible into all other forms of
energy. Exergy represents the useful part of energy for a system in its environment, i.e., the
maximum quantity of work that the system can execute in its environment [111-116]. The
exergy destruction represents the wasted work potential i.e. the work that could have been
produced but was not.
The basic difference between energy and exergy concept is energy input and output will
always balance according to the first law of thermodynamics or the energy conservation
principle. Exergy output will not balance the exergy input for real processes since a part of
the exergy input is always destroyed according to the second law of thermodynamics for real
processes. An energy efficiency or first law efficiency will determine the most efficient
process based on wasting as little energy as possible relative to energy inputs. An exergy
efficiency or second law efficiency will determine the most efficient process based on
wasting and destroying as little available work as possible from a given input of available
work.
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Calculation of Exergy:
Exergy for a flow stream consists of three parts, namely temperature, pressure, and
concentration contributions [86]:
Ex  ExT  ExP  ExC

Where the E xT temperature, E xP pressure, and E xC concentration terms are defined as:
ExT  Gh  ho   To s  so 

 P  Po 
E xP  G 

  
X 
E c  R * To *  X i * ln  i 
 X io 
The subscript o stands for reference state, G is mass flow rate, h
temperature,

s is entropy, P is pressure



mixture; X io fraction in a dead state composition,

is enthalpy,

T

is

is density and X i fraction of species i in a
R

is gas constant. Membrane process is

a constant temperature process. So, in the present work, discussion has been restricted to
pressure exergy and concentration exergy only.
Thermodynamic efficiency:



Exergyinpu t  Exergyloss duetoworkdone
Exergyinpu t

  1

Exergyloss duetoworkdone
Exergyinpu t

So, from the definition of efficiency, if exergy input increases and exergy loss due to work
done decreases, efficiency will increase.
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In Fig-3.18 the nanofiltration process is illustrated in terms of state for optimization study of
its hydrodynamic parameters. It is a batch recycle process. State 0 has been depicted to feed
condition. This has been taken as reference state. All the calculations of exergy have been
done with respect to state 0. State 1 has been put after pressurization of feed. State 2 has been
depicted to reject stream and state 3 has been depicted to product stream. In a batch recycle
process, two different recovery terms are used.
Specific recovery is defined by the ratio of product flow which is coming out of the
membrane and feed flow which is going to the membrane. This is membrane property.
Overall recovery is defined by the ratio of volume of total product collected and initial
volume of feed. This is system property.

Fig-3.18Nanofiltration process
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Calculation of process parameters in nanofiltration process:
Calculation of process parameters given in Table-3.3 is required for exergy calculation. Here,
final product volume (i.e. overall recovery) signifies that product volume which has been
achieved at that particular point beyond this scaling starts progressing (i.e.20% flux decline).
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Table-3.3 Evaluation of process parameters for exergy analysis
Av
Final
prdt
Time
Specific Flow(lpm) Pressure(bar) Final prdt. Final prdt. reject Final reject
flow
Volume(l) Conc.(ppm)
conc.(ppm) required(min)
recovery
volume(l)
(lpm)
91

13

10

45

15

55

3624

3.8

11.8

65

13

9

75

57

25

7829

8.8

8.5

56

13

7

72

70

28

6962

9.8

7.3

47

13

5

68

130

32

5973

11

6.2

56

9

10

40

20

60

3320

7.5

5.3

38

9

9

70

60

30

6526

19.2

3.64

33

9

7

65

85

35

5556

20.6

3.15

30

9

5

60

150

40

4775

20.8

2.9

67

7

10

37

24

63

3160

7.8

4.7

53

7

9

60

120

40

4820

16

3.7

47

7

7

62

150

38

5018

19

3.3

39

7

5

58

160

42

4540

21

2.76

78

4.5

10

35

5

65

3074

10

3.5

62

4.5

9

56

80

44

4443

20

2.8

55

4.5

7

57

100

43

4518

23

2.5

51

4.5

5

58

170

42

4527

25

2.3

91

11

10

42

17

58

3435

4.2

10

61

11

9

73

58

27

7250

10.8

6.7

52

11

7

68

78

32

6084

11.8

5.7

47

11

5

65

140

35

5454

12.5

5.2

Tables 3.4, 3.5 and 3.6 provide detailed exergy evaluation for different streams.
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Table-3.4 Evaluation of exergy input at state 1 (after pressurization of feed)

Total
Total
volume
mass
of
Specific
Flow Pressure(kpa) Salinity(ppm)
3
of feed(m )
feed exergy(Kj/kg)
(lpm)
(kg)

Total exergy
input(KJ)

13

101.3

2000

0.1

100

0.911

45.04

13

912

2000

0.1

100

0.81

92.72

13

709

2000

0.1

100

0.60

77.45

13

506

2000

0.1

100

0.40

57.95

9

101.3

2000

0.1

100

0.91

64.97

9

912

2000

0.1

100

0.81

147.84

9

709

2000

0.1

100

0.60

118.96

9

506

2000

0.1

100

0.40

80.08

7

101.3

2000

0.1

100

0.91

49.78

7

912

2000

0.1

100

0.81

90.78

7

709

2000

0.1

100

0.60

80.85

7

506

2000

0.1

100

0.40

59.57

4.5

101.3

2000

0.1

100

0.91

41.03

4.5

912

2000

0.1

100

0.81

72.95

4.5

709

2000

0.1

100

0.60

62.91

4.5

506

2000

0.1

100

0.40

45.59

11

101.3

2000

0.1

100

0.91

42.12

11

912

2000

0.1

100

0.81

96.29

11

709

2000

0.1

100

0.60

78.90

11

506

2000

0.1

100

0.40

55.72
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Table-3.5 Evaluation of exergy at state 2 (reject stream)

Flow
(lpm)

Pressure(kpa) Salinity(ppm)

Total
Total
Total volume of
Specific
mass of
Exergy
(kJ)
reject(m3)
exergy(Kj/kg)
reject (kg)

13

101.3

3624

0.055

55

0.07

4.02

13

101.3

7829

0.025

25

0.67

16.76

13

101.3

6962

0.028

28

0.51

14.39

13

101.3

5973

0.032

32

0.35

11.32

9

101.3

3320

0.06

60

0.05

3.00

9

101.3

6526

0.03

30

0.44

13.22

9

101.3

5556

0.035

35

0.29

10.24

9

101.3

4775

0.04

40

0.19

7.62

7

101.3

3160

0.063

63

0.04

2.48

7

101.3

4820

0.04

40

0.19

7.83

7

101.3

5018

0.038

38

0.22

8.38

7

101.3

4540

0.042

42

0.16

6.85

4.5

101.3

3074

0.065

65

0.03

2.22

4.5

101.3

4443

0.044

44

0.15

6.70

4.5

101.3

4518

0.043

43

0.17

6.91

4.5

101.3

4527

0.042

42

0.16

6.78

11

101.3

3435

0.058

58

0.06

3.38

11

101.3

7250

0.027

27

0.56

15.24

11

101.3

6084

0.032

32

0.37

11.86

11

101.3

5454

0.035

35

0.28

9.75
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Table-3.6 Evaluation of exergy at state 3 (product stream)

Total
Total
Total
Exergy
volume
of
mass
of Specific
Flow Pressure(kpa) Salinity(ppm)
exergy efficiency loss
product product exergy(Kj/kg)
(lpm)
(kJ)
(m3)
(kg)
15.88
101.3
15
0.045
45
0.263
11.85
0.65
13
13

101.3

57

0.075

75

0.24

17.98

0.62

34.75

13

101.3

70

0.072

72

0.23

16.82

0.6

31.21

13

101.3

130

0.068

68

0.21

14.19

0.56

25.51

9

101.3

20

0.04

40

0.26

10.40

0.79

13.41

9

101.3

60

0.07

70

0.24

16.68

0.8

29.90

9

101.3

85

0.065

65

0.23

14.75

0.8

25

9

101.3

150

0.06

60

0.20

12.08

0.75

19.70

7

101.3

24

0.037

37

0.26

9.53

0.76

12.01

7

101.3

120

0.06

60

0.21

12.75

0.77

20.59

7

101.3

150

0.062

62

0.20

12.48

0.74

20.87

7

101.3

160

0.058

58

0.2

11.48

0.69

18.33

4.5

101.3

5

0.035

35

0.27

9.48

0.71

11.69

4.5

101.3

80

0.056

56

0.23

12.83

0.73

19.53

4.5

101.3

100

0.057

57

0.22

12.57

0.69

19.48

4.5

101.3

170

0.058

58

0.19

11.28

0.60

18.07

11

101.3

17

0.042

42

0.26

11.00

0.66

14.39

11

101.3

58

0.073

73

0.24

17.47

0.66

32.71

11

101.3

78

0.068

68

0.23

15.64

0.65

27.50

11

101.3

140

0.065

65

0.20

13.32

0.58

23.07
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Fig-3.19 shows two discernible trends for 4.5 lpm to 9 lpm and 11 lpm to13 lpm. For
evaluating specific recovery in lower feed flow range (4.5 lpm -9 lpm), denominator (i.e. feed
flow to membrane system) predominates. So, as feed flow increases specific recovery
decreases. For higher feed flow range (11 lpm, 13 lpm), numerator (i.e. product flow from
membrane system) predominates. With increasing operating pressure product flow across the
membrane increases, consequently specific recovery increases. This specific recovery has
been evaluated upto a particular scaling free overall recovery value. So, flux decline
phenomenon is not experienced here.
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Fig-3.19 Variation of specific recovery in different flow rate and pressure

Fig-3.20 shows completely different trends for overall recovery for different flow and
different pressure. The basic criteria for selection of overall recovery is the recovery beyond
which scaling is going to take place (flux decline greater than 20%). The overall recovery
increases with increasing flow rate. With increasing feed flow, by virtue of onset of
turbulence on membrane top surface, solid particles could not be settled as a scale on
membrane. Consequently, higher recovery can be accomplished with better quality of product
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water. With increasing pressure more product water is pushing off through the membrane
allowing building up of concentration polarization layer (scaling) on the membrane surface.
For higher pressure, recovery is restricted due to scaling constraint.
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Fig-3.20 Variation of overall recovery in different flow rate and pressure

Exergy input is a function of feed flow, feed pressure and duration of experiment to achieve a
particular recovery at minimum scale threat. Exergy input is simply evaluated by
multiplication of feed flow, feed pressure and duration time. Fig-3.21 reveals two different
trends for exergy input as feed flow increases. Initially with increasing feed flow rate, exergy
input increases with increasing operating pressure. This trend is observed up to 9 lpm. This
process is a batch process, with every time interval reject is losing its energy into atmospheric
feed tank, so duration of process to achieve a scale safe recovery is also an important
parameter. At higher feed flow rate (11 lpm, 13 lpm) the specific recovery increases which
decreases time required to achieve a particular scale safe recovery. At higher pressure also
specific recovery increases consequently duration time decreases resulting lower exergy
input.
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Fig-3.21 Variation of total exergy input in different flow rate and pressure

In Fig 3.22 variation of total exergy loss has been at different flow rate has been plotted
against pressure. In this particular system, for achieving higher recovery and better quality
product exergy loss due to work done will be high which decreases efficiency. Total exergy
loss of a system follows the same trend of overall scale safe recovery. Total exergy loss is a
function of both overall recovery and also the extent of separation i.e. purity of product.

Total exergy loss (KJ)

Accordingly Fig-3.22 differs from Fig-3.20
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Fig-3.22 Variation of total exergy loss in different flow rate and pressure
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Fig-3.23 shows that thermodynamic efficiency for a given range of operating pressure and
feed flow. It is clear that efficiency is maximum (around 80%) for 9 lpm, 9 bar system.
Efficiency decreases for further higher flow rate and higher pressure. For higher flow rate
overall scale safe recovery is higher. To achieve this recovery exergy loss will be higher. For
higher pressure the product quality is expected to be better. To achieve this extent of
separation exergy loss will be higher. For both the cases efficiency decreases.
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Fig-3.23 Thermodynamic efficiency of a system for varying pressure and flow rate

Exergy analysis has given the optimized hydrodynamic parameters (9 lpm feed flow, 9 bar
pressure) of nanofiltration process at a minimum scale threat recovery which are the same as
evaluated by resistance incorporated surface crystal growth model.
3.3.7

Reject Management

Treatment of reject stream withnanofiltration:
Studies were carried out for the concentrates or reject generated from nanofiltration
experiments for the removal of excess calcium sulphate present in the supersaturated
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solution so as to recycle the solution through NF for further recovery of water. However,
this study is confined to the conversion of supersaturated calcium sulphate stream to
saturated calcium sulphate stream. The possible methods include free settling, seeding of
concentrate & treatment through lime column.
3.3.7.1 Free settling:
Concentrates from NF were allowed to settle freely for 120 mins and the concentration of the
supernatant solution is monitored with time through the conductance measurement.
Fig.3.24gives the behaviour of NF concentrates collected from three different flowrates at 9
bar operating pressure.Eventhough the settling rate appears to be a function of concentration,
all the solutions reached the same level of concentration in 120 minutes, which still
correspond to supersaturation domain. The experiments reveal that the free settling rate is too
slow to recover solid and recycle the concentrate stream.
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Fig-3.24 Free settling behaviour of selected reject samples
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3.3.7.2 Seeding Studies
Preparation of seed crystals [117]:CaSO4,2H2O crystals were prepared by the slow dropwise
addition of 500 ml 0.2 M CaCl2solutionto 500 ml 0.2 M Na2SO4 solution at 70

o

C. The

crystals were washed repeatedly with distilled water until free of chloride ions. In every 200
ml of reject solution 0.75 gm seed has been added.
As seen in the Fig.3.25, seeding with pure calcium sulphate seed crystals only marginally
improves the initial settling rate but tends to reach the same levels of concentration akin to
settling behaviour without seeding. Increasing the amount of seed for the same amount of
solution did not improve either leadingto the conclusion that external seeding does not help
significantly in the removal of superasaturated calcium sulphate.
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Fig-3.25 Settling behavior of concentrates with seeding.

3.3.7.3 Treatment through lime column
Lime stone of 1-2 mm size was packed into a glass column of 30 cm dia and the
concentrate was passed through at the rate of 3 litres/minute corresponding to a linear
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velocity of 0.0007 m/sec by garvity. The concentration of the solution coming out of the
column was monitored as a function of time. As can be inferred from Fig.3.26, the passage
through lime column appears to be effective in not only in bringing down the concentration
of calcium sulphate around saturation level on par with the feed solution but also in a
reasonable time.
Following graph shows that lime column is more effective process to decrease the solid
content upto saturation limit of calcium sulphate.Here packed lime bed provides the

Total dissolved solid in downstream (TDS)

nucleation site which is probably not available in case of external addition of seeding.
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Fig-3.26 Decrease of solid content of reject samples through lime column

3.3.8

Reverse Osmosis model

Basic objective of this model development is to evaluate the operating pressure at which RO
module provides required quality and quantity of product.
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By doing mass balance across the membrane

J w, RO .C p, RO  J s , RO

3.21

Aw, RO p   .C p, RO  Bs , RO  C f , RO  C p, RO 

3.22

Equation 22 is an iterative equation which evaluate P for a given C p , RO
J w, RO  Aw, RO p   

3.23

Check whether J w, RO is within the flux range specified by manufacturer.

Results from reverse osmosis model
The optimised pressure for RO is 10 bar
Sulphate concentration obtained from RO is less than 6 ppm
Final product flow obtained from RO is 3.0lpm
(RO feed is taken as 3.8 lpm;the product flow of NF at 9 lpm ,9 bar pressure)
3.3.9

Identification of the overall scheme for the approach to Zero Liquid Discharge

Higher recoveries should be targeted in the NF experiment to reduce the ultimate waste
volume. As far as NF experimental run is concerned the operating pressure and feed flow
rates have to be chosen to avoid precipitation on the membrane surface. Lime treatment has
been found to be effective in removing calcium and sulphate species from the supersaturation
levels to below saturation limits as reported [103] and confirmed by our experimental studies.
In view of this it is proposed that the concentrate coming out of the NF element be passed
through lime column (where the concentration of calcium and sulphate species would be
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brought down to less than the saturation levels) and can be mixed with the incoming feed thus
leading to higher net recovery of water. It is likely that sodium chloride concentration would
go up along with other trace elements. In order to operate the system in a sustainable manner,
it must be ensured that the concentrate coming out of the NF membrane and the specific
recovery of the module (containing a few membrane elements in series) are well within the
limits corresponding to the scaling point at the operating conditions of pressure and feed flow
rate. The concentrate then shall be passed through the lime column and circulated back to
feed tank. The resultant solution would be rich in sodium chloride but less in calcium
sulphate content. When the net recovery is about 90%., the batch can be stopped and the
permeate stream can be processed through brackish water RO system for the recovery of
water for reuse. The concentrate of RO which is rich in sodium chloride can be used for
softener regeneration. A schematic diagram of approach towards zero liquid discharge has
been shown in Fig-3.27.

Fig-3.27 Approach towards zeroliquid discharge
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3.4 Conclusion
Our studies have indicated that it is possible to treat saturated calcium sulphate such as those
encountered in mining effluents through membrane processes for the recovery of water as
well make use of the concentrated salt solution for softener regeneration. The experiments
indicated that the scaling of calcium sulphate is a function of degree of supersaturation and
the delay time required for the formation of calcium sulphate scales. Our studies indicated
that at 12.5 % degree of supersaturation the delay time required was about 400 s. Keeping
this fact in mind, if one can decide the operating parameters, it is possible to minimise scaling
on the membrane surface. Our detailed experiments have indicated that for the given
concentration (similar to mining effluents) at 70% recovery there is a distinct drop in the
observed flux for all the flow rates and the pressures employed. Hence, it was concluded that
by optimising the operating pressure (which controls the flux) and the flowrate (to ensure that
the boundary is not allowed to build up fast), it would be possible to recover water for reuse.
Unlike the case of RO, substantial quantity of monovalents such as sodium chloride permeate
through the membrane thus reducing the loss of flux due to osmotic pressure build up. The
water through NF therefore has substantial quantities of sodium chloride. This stream when
processed through RO yielded concentrated sodium chloride as concentrated stream and
water with less total dissolved contents. Hence the product stream can be reused in the
process, while the concentrate can be used for the regeneration of softeners. The concentrate
of NF system is passed through lime column where the supersaturated levels of calcium
sulphate is reduced to unsaturated levels and could be recycled through NF. A small amount
requires to be bled in order to maintain the total TDS levels within operable limits.
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Thus the membrane based scheme emerged through experimental study consists of NF and
RO and a lime column and provides an approach to zero release concept besides allowing the
recovery of value through purified water and sodium chloride for reuse in the process.
Mathematical model has been developed not only to predict the behaviour of NF system but
also to optimise the operating conditionsfor a given feed composition to minimise the scale
threat for achieving the specific separation objective. Assessment of different resistance terms
(intrinsic membrane resistance, osmotic and scale resistance) were carried out
experimentallyin nanofiltration membrane and by incorporating these resistance terms in
mathematical model, experimental flux decline has been predicted for the entire recovery
range

including

post

scaling

phase.

Different

operating

conditions

have

been

thermodynamically optimised for obtaining maximum recovery at minimum scale threat by
thermodynamic parameter ‘exergy’. This exercise also concludes that 9 lpm feed flow and 9
bar operating pressure are the optimised condition for the assumed composition of effluents.
At these two conditions, thermodynamic efficiency of the system is maximum.Incorporation
of an existing mathematical model for reverse osmosis for optimizing the operating pressure
for obtaining required product quality and quantity has been carried out. The optimised
pressure for reverse osmosis system is obtained as 10 bar for getting sulphate concentration in
product water less than 10 ppm.
The reject management of supersaturated stream coming from NF module has been attempted
under different conditions including free settling, seeded settling and through lime column. It
is observed that the lime column is the best suited as it can bring down the calcium sulphate
concentration below the super saturation levels at the minimum possible time and is
amenable to integtrate with the membrane system for continuous operation.This scheme
opens up the possibility of approaching Zero Liquid Discharge forsuch difficult effluents.
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CHAPTER-4

SUMMARY AND CONCLUSION

141

The present work deals with the applications of membrane processes, particularly the hybrid
membrane systems for the treatment / management of effluents.

The pressure driven

membrane processes involving ultrafiltration (UF), nanofiltration (NF) and reverse osmosis
(RO) were chosen in view of their growing potential due to inherent advantages such as
simple ambient temperature operation, eco-friendly nature and cost effectiveness. The
pressure driven membranes can operate based on size –exclusion philosophy as in UF/MF or
combined effect of electrostatic interaction and size exclusion as in RO/NF. It was evident
that membrane processes cannot give absolute separation for contaminants owing to its pore
size distribution. Removal of trace contaminants or radioactive contaminants from effluent
stream demands almost absolute separation of contaminants as the environmentally safe
limits of these contaminants are low and stringent. Use of NF or RO for the removal trace
contaminants in the presence of benign dissolved solutes may restrict the recovery due to
osmotic pressure build up on the feed side. Some of the studies have indicated that
complexation ultrafiltration could be useful for the removal of trace contaminants. Hence it
was pertinent to look for some other means such as chemical addition or combination of two
or more processes- hybrid membrane processes (can be different membrane processes or
membrane and conventional processes) to achieve the objectives. The existing models in the
literature for complexation UF are essentially based on laboratory studies under near zero
recovery conditions and do not represent systems where high recoveries were expected.
Mining effluents contain near saturation amounts of calcium sulphate and in general RO
cannot be used for concentrating the streams for further treatment/disposal. However it was
felt that NF could be used as NF membranes can preferentially retain multivalents compared
to monovalents thus affording better volume reduction overcoming the osmotic pressure
limitations to a reasonable extent. Study of the calcium sulphate precipitation characteristics
in the literature indicated that some significant gelation time is required for the precipitates to
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form. Thus making use of these two information, it was decided to study the NF-RO hybrid
system for the recovery of water and make use of the concentrated stream containing sodium
chloride for softener regeneration. It was also decided to develop the mathematical model for
wider application and in situ optimization of parameters depending on effluent
concentrations. Accordingly, it was decided to study the treatment of effluents through hybrid
membrane systems; one for the recovery of water from bulk scaling contaminants and the
other for the removal & separation of trace contaminants and develop mathematical models
for their wider applicability.
The mathematical model existing in the literature is based on the basic assumption that the
complexing agent is fully rejected either as complexed or uncomplexed form and the metal
ions are not at all rejected in its uncomplexed state. However, this assumption does not hold
good whenever higher recoveries of water or high volume reduction factors are expected. Our
initial experiments have shown very large errors compared to the model prediction based on
the model with the above mentioned assumptions. This was attributed to the pore-size
distribution which is always inherent in the membranes formed by phase inversion technique.
Similarly any high molecular weight complexing polymer has a molecular weight
distribution. These two factors were introduced into the basic irreversible thermodynamic
model by modifying solute permeability (  ) in terms of discretised pore size distribution and
the reflection coefficient (  ) in terms of molecular weight distribution of ligand. The
experimental results obtained have validated the model and it was also possible to show that
the model could predict the performance for mixed solute systems. The mathematical model
developed in this present studies can predict the experimental rejection value of different
trace metals (copper, cobalt and iron) complexed with polyethyleneimine below 4 % error
range.This model can also predict the fractionation potential of intra membrane hybrid
membrane system by predicting the rejection behaviour of multicomponent solute mixture
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through different molecular weight cut-off membranes. Thus, we could not only demonstrate
that trace element contamination can easily be removed using complexation–UF with a good
volume reduction at lower energy cost compared to RO but the model developed
incorporating the basic membrane morphological characteristics and complexing polymer
characteristics in terms of molecular weight heterogeneity can predict the performance of the
membranes both for individual contaminants and mixed contaminants.
Our studies have indicated that it is possible to treat saturated calcium sulphate such as those
encountered in mining effluents can be treated through membrane processes for the recovery
of water as well make use of the concentrated salt solution for softener regeneration. Use of
NF has not only mitigated the osmotic pressure constraints but also limited the concentration
build up of calcium & sulphate species due to the presnce of surface charge. The
experimental studies have identified the three resistances namely osmotic pressure, boundary
layer(scaling) and the membrane resistance. Efforts were made to mitigate the scale
resistance. Supported by the studies on the calcium sulphate agglomeration studies it was
inferred that the membrane does not phase the scale threat upto about 12.5 degree of
supersaturation.Accordingly it was demonstrated that it is possible to recover about 70% of
solution without significant calcium and sulphate contamination. Hence it was concluded that
by optomising the operating pressure (which controls the flux) and the flowrate (to ensure
that the boundary is not allowed to build up fast), it would be possible to recover water for
reuse. Further it was demonstrated that the permeate stream of NF processed through RO can
yield nearly pure water ( about 6 ppm) for reuse and the concentrate containing NaCl can be
sent for regeneration of the softeners. The concentrate of NF system is passed through lime
column where the supersaturated levels of calcium sulphate is reduced to unsaturated levels
and could be recycled through NF. A small amount requires to be bled in order to maintain
the total TDS levels within operable limits.
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Thus the membrane based scheme emerged through experimental study consists of NF and
RO and a lime column and provides an approach to zero release concept besides allowing the
recovery of value through purified water and sodium chloride for reuse in the process.
Mathematical model has been developed not only to predict the behaviour of NF system but
also to optimise the operating conditions for a given feed composition to minimise the scale
threat for achieving the specific separation objective. Assessment of different resistance terms
(intrinsic membrane resistance, osmotic and scale resistance) were carried out experimentally
in nanofiltration membrane and by incorporating these resistance terms in mathematical
model, experimental flux decline has been predicted for the entire recovery range including
post scaling phase. Different operating conditions have been thermodynamically optimised
for obtaining maximum recovery at minimum scale threat by thermodynamic parameter
‘exergy’. This exercise also concludes that 9 lpm feed flow and 9 bar operating pressure as
the optimised condition for the assumed composition of effluents at which thermodynamic
efficiency of the system is maximum. Incorporation of an existing mathematical model for
reverse osmosis for optimizing the operating pressure for obtaining required product quality
and quantity has been carried out. The optimised pressure for reverse osmosis system is
obtained as 10 bar for getting sulphate concentration in product water less than 10 ppm.
The reject management of supersaturated stream coming from NF module has been studied
under different conditions including free settling, seeded settling and through lime column. It
is observed that the lime column is the best suited as it can bring down the calcium sulphate
concentration below the super saturation levels at the minimum possible time and is
amenable to integrate with the membrane system for continuous operation. This scheme
opens up the possibility of approaching Zero Liquid Discharge for such difficult effluents.
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Mathematical model developed for water recovery and reuse from near saturated sparingly
soluble mine effluents by hybrid NF-RO system is unique for its novel attempt to
demonstrate the potential of membrane for sparingly soluble salt removal by optimizing the
hydrodynamics, without addition of antiscalant. Application of NF prior to RO is critical step
in which most bivalent load can be eliminated by high flux NF keeping RO at minimum scale
threat. Incorporation of resistance terms for evaluation of flux decline in NF improves the
model predictability.
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Nomenclature
A

Molecular weight PEG/PEO

Ak

Ratio of total cross sectional pore area to the effective membrane area

At

Membrane area, m2

AW

Solvent permeability constant,m/hr-bar

Cb

Bulk concentration,kg/m3

CS

Saturation concentration, kg/m3

CW

Wall concentration, kg/m3

Cs ln

Logarithmic solute concentration, kgmole/m3

Cm

Concentration on membrane surface, kgmole/m3

Cp

Product concentration, kgmole/m3

D

Diffusivity, m2/sec

dh

Hydraulic diameter,m

f q 

Correction factors for effect of cylindrical walls for filtration flow

g q 

Correction factors for effect of cylindrical walls for convection flow

[H ]

Hydrogen ion concentration, kgmole/m3
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[HL]

Concentration of protonated ligand, kgmole/m3

Jb

Bulk flux,m/hr

JC

Bulk flux due to cake resistence,m/hr

JW

Pure water permeability,m/hr

Jv

Solvent flux, m/s

Js

Solute flux, m/s

k

Mass transfer coefficient,m/sec

KS

Saturation constant,sec-1

K i ,n

Equilibrium constant of complex,(kgmole/m3)-n

Ka

Equilibrium constant of protonated ligand, (kgmole/m3)-1

[L]

Concentration of ligand in feed, (kgmole/m3)

[ L] free

Concentration of free ligand, (kgmole/m3)

LP

Solvent permeability constant, m/s-Pa

mS

Weight of scale formed,kg

[Me]

Concentration of metal in feed, (kgmole/m3)

[ MeLn ]

Concentration of metal ligand complex, (kgmole/m3)
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[ Me] free

Concentration of free metal, (kgmole/m3)

Mw

Molecular weight, kg/kgmole

M

Molecular wt. of PEG/PEO kg/kgmole

n

Coordination number

NA

Avogadro’s number

P

Pressure difference, bar

q

Ratio of solute radius and pore radius

R

Recovery

Rc

Cake resistance, m-1

Rm

Membrane resistance, m-1

RL

Rejection of ligand

RMe

Rejection of metal

RMefree

Rejection of free metal

rs

Solute radius, m

rp

Pore radius, m

SD

Steric hindrance factor for diffusive flow
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SF

Steric hindrance factor for filtration flow

SR

Salt rejection

u

Velocity,m/sec

Vb

Volume of feed tank, m3

Vp

Volume of product tank, m3



Area occupied per unit mass m2/kg



Osmotic pressure, bar

i

No. of species

 

Specific viscosity, m3/kg



Solute permeability constant, kgmole/N-s

p

Mean pore size of membranes



Reflection coefficient

p

Effective operating pressure, Pa

X

Membrane thickness, m
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